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Preface

Bioengineering can be defined as the application of the various branches of
engineering, including mechanical, electrical, and chemical engineering, to
biological systems, including those related to medicine. Likewise, biochemical
engineering refers to the application of chemical engineering to biological
systems. This book is intended for use by undergraduates, and deals with the
applications of chemical engineering to biological systems in general. In that
respect, no preliminary knowledge of chemical engineering is assumed.

Since the publication of the pioneering text Biochemical Engineering, by Aiba,
Humphrey and Mills in 1964, several articles on so-called “biochemical” or
“bioprocess” engineering have been published. Whilst all of these have combined
the applications of chemical engineering and biochemistry, the relative space
allocated to the two disciplines has varied widely among the different texts.

In this book, we describe the application of chemical engineering principles to
biological systems, but in doing so assume that the reader has some practical
knowledge of biotechnology, but no prior background in chemical engineering.
Hence, we have attempted to demonstrate how a typical chemical engineer
would address and solve such problems. Consequently, a simplified rather than
rigorous approach has often been adopted in order to facilitate an understanding
by newcomers to this field of study. Although in Part I of the book we have
outlined some very elementary concepts of chemical engineering for those new
to the field, the book can be used equally well for senior or even postgraduate
level courses in chemical engineering for students of biotechnology, when the
reader can simply start from Part II. Naturally, this book should prove especially
useful for those biotechnologists interested in self-studying chemical bioengi-
neering. In Part III, we provide descriptions of the applications of biochemical
engineering not only to bioprocessing but also to other areas, including the
design of selected medical devices. Moreover, to assist progress in learning, a
number of worked examples, together with some “homework” problems, are
included in each chapter.

I would like to thank the two external reviewers, Prof. Ulfert Onken (Dortmund
University) and Prof. Alois Jungbauer (University of Natural Resources and
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Applied Life Sciences), for providing invaluable suggestions. I also thank the staff
of Wiley-VCH Verlag for planning, editing and producing this book. Finally I
thank Kyoko, my wife, for her support while I was writing this book.

Shigeo Katoh
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* Some symbols and subscripts explained in the text are omitted.
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1
Introduction

1.1
Background and Scope

Engineering can be defined as “the science or art of practical applications of the
knowledge of pure sciences such as physics, chemistry, and biology.”

Compared with civil, mechanical, and other forms of engineering, chemical en-
gineering is a relatively young branch of the subject that has been developed since
the early twentieth century. The design and operation of efficient chemical plant
equipment are the main duties of chemical engineers. It should be pointed out that
industrial-scale chemical plant equipment cannot be built simply by enlarging the
laboratory apparatus used in basic chemical research. Consider, for example,
the case of a chemical reactor-that is, the apparatus used for chemical reactions.
Although neither the type nor size of the reactor will affect the rate of the chemical
reaction per se, they will affect the overall or apparent reaction rate, which involves
effects of physical processes, such as heat and mass transfer and fluid mixing. Thus,
in the design and operation of plant-size reactors, the knowledge of such physical
factors — which often is neglected by chemists — is important.

G. E. Davis, a British pioneer in chemical engineering, described in his book, A
Handbook of Chemical Engineering (1901, 1904), a variety of physical operations
commonly used in chemical plants. In the United States, such physical operations
as distillation, evaporation, heat transfer, gas absorption, and filtration were
termed ““unit operations” in 1915 by A. D. Little of the Massachusetts Institute of
Technology (MIT), where the instruction of chemical engineering was organized
via unit operations. The first complete textbook of unit operations entitled Prin-
ciples of Chemical Engineering by Walker, Lewis and McAdams of the MIT was
published in 1923. Since then, the scope of chemical engineering has been
broadened to include not only unit operations but also chemical reaction en-
gineering, chemical engineering thermodynamics, process control, transport
phenomena, and other areas.

Bioprocess plants using microorganisms and/or enzymes, such as fermentation
plants, have many characteristics similar to those of chemical plants. Thus, a
chemical engineering approach should be useful in the design and operation of
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1 Introduction

various plants which involve biological systems, if the differences in the physical
properties of some materials are taken into account. Furthermore, chemical en-
gineers are required to have some knowledge of biology when tackling problems
that involve biological systems.

Since the publication of a pioneering textbook [1] in 1964, some excellent books
[2, 3] have been produced in the area of the so-called “biochemical” or “biopro-
cess” engineering. Today, the applications of chemical engineering are becoming
broader to include not only bioprocesses but also various biological systems in-
volving environmental technology and even some medical devices, such as artifi-
cial organs.

1.2
Dimensions and Units

A quantitative approach is important in any branch of engineering. However, this
does not necessarily mean that engineers can solve everything theoretically, and
quite often they use empirical rather than theoretical equations. Any equation —
whether theoretical or empirical — which expresses some quantitative relationship
must be dimensionally sound, as will be stated below.

In engineering calculations, a clear understanding of dimensions and units is
very important. Dimensions are the basic concepts in expressing physical quan-
tities. Dimensions used in chemical engineering are length (L), mass (M), time
(T), the amount of substance (n) and temperature (0). Some physical quantities
have combined dimensions; for example, the dimensions of velocity and accel-
eration are LT ' and LT, respectively. Sometimes force (F) is also regarded as a
dimension; however, as the force acting on a body is equal to the product of the
mass of that body and the acceleration working on the body in the direction of
force, F can be expressed as MLT 2.

Units are measures for dimensions. Scientists normally use the centimeter (cm),
gram (g), second (s), mole (mol), and degree Centigrade (°C) as the units for the
length, mass, time, amount of substance, and temperature, respectively (the CGS
system). Whereas, the units often used by engineers are m, kg, h, kmol, and °C.
Traditionally, engineers have used kg as the units for both mass and force.
However, this practice sometimes causes confusion, and to avoid this a designa-
tion of kg-force (kgy) is recommended. The unit for pressure, kg cm ™2, often used
by plant engineers should read kge cm % Mass and weight are different entities:
the weight of a body is the gravitational force acting on the body, that is, (mass)
(gravitational acceleration g). Strictly speaking, g — and hence weight — will vary
slightly with locations and altitudes on the Earth. It would be much smaller in a
space ship.

In recent engineering research papers, units with the International System of
Units (SI) are generally used. The SI system is different from the CGS system
often used by scientists, or from the conventional metric system used by engineers
[4]. In the SI system, kg is used for mass only, and Newton (N), which is the unit



1.2 Dimensions and Units

for force or weight, is defined as kgms™2. The unit for pressure, Pa (pascal), is
defined as N m 2. It is roughly the weight of an apple distributed over the area of
one square meter. As it is generally too small as a unit for pressure, kPa (kilo-
pascal) (i.e., 1000 Pa) and MPa (megapascal) (i.e., 10° Pa) are more often used. One
bar, which is equal to 0.987 atm, is 100 kPa=0.1 MPa=1000h Pa (hectopascal).

The SI unit for energy or heat is the joule (J), which is defined as J=N m=
kgm?s ?=Pam’. In the SI, calorie is not used as a unit for heat, and hence no
conversion between heat and work, such as 1cal=4.184], is needed. Power is
defined as energy per unit time, and the SI unit for power is W (watt) =] s . Since
W is usually too small for engineering calculations, kW (=1000 W) is more often
used. Although use of the SI units is preferred, we shall also use in this book the
conventional metric units that are still widely used in engineering practice. The
English engineering unit system is also used in engineering practice, but we do
not use it in this text book. Values of the conversion factors between various units
that are used in practice are listed in the Appendix, at the back of this book.

Empirical equations are often used in engineering calculations. For example,
the following type of equation can relate the specific heat capacity ¢, (J kg ' K ') of
a substance with its absolute temperature T (K).

¢ =a+bT (1.1)

where a (kj kg 'K ') and b (k] kg~ ! K ?) are empirical constants. Their values in
the kcal, kg, and °C units are different from those in the kJ, kg, and K units.
Equations such as Equtation 1.1 are called dimensional equations. The use of
dimensional equations should preferably be avoided; hence, Equtation 1.1 can be
transformed to a non-dimensional equation such as

(cp/R) = d +b(T/T.) (1.2)

where R is the gas law constant with the same dimension as c,, and T, is the
critical temperature of the substance in question. Thus, as long as the same units
are used for ¢, and R and for T and T, respectively, the values of the ratios in the
parentheses as well as the values of coefficients a’ and b’ do not vary with the units
used. Ratios such as those in the above parentheses are called dimensionless
numbers (groups), and equations involving only dimensionless numbers are called
dimensionless equations.

Dimensionless equations — some empirical and some with theoretical bases —
are often used in chemical engineering calculations. Most dimensionless numbers
are usually called by the names of the person(s) who first proposed or used such
numbers. They are also often expressed by the first two letters of a name, begin-
ning with a capital letter; for example, the well-known Reynolds number, the
values of which determine conditions of flow (laminar or turbulent) is usually
designated as Re, or sometimes as Ng.. The Reynolds number for flow inside a
round, straight tube is defined as dvp/u, in which d is the inside tube diameter (L),
v is the fluid velocity averaged over the tube cross-section (LT '), p is the fluid
density (ML™?), and u the fluid viscosity (ML™' T™') (this will be defined in
Chapter 2). Most dimensionless numbers have some significance, usually ratios
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of two physical quantities. How known variables could be arranged in a di-
mensionless number in an empirical dimensionless equation can be determined
by a mathematical procedure known as dimensional analysis, which will not be
described in this text. Examples of some useful dimensionless equations or cor-
relations will appear in the following chapters of the book.

Example 1.1

A pressure gauge reads 5.80kgrem ™% What is the pressure (p) in SI units?

Solution
Let g=9.807ms 2.
p = (5.80)(9.807)/(0.017%) = 569 000 Pa = 569 kPa = 0.569 MPa

13
Intensive and Extensive Properties

It is important to distinguish between the intensive (state) properties (functions)
and the extensive properties (functions).

Properties which do not vary with the amount of mass of a substance — for
example, temperature, pressure, surface tension, and mole fraction — are termed
intensive properties. On the other hand, those properties which vary in proportion to
the total mass of substances — for example, total volume, total mass, and heat
capacity — are termed extensive properties.

It should be noted, however, that some extensive properties become intensive
properties, in case their specific values — that is, their values for unit mass or unit
volume — are considered. For example, specific heat (i.e., heat capacity per unit
mass) and density (i.e., mass per unit volume) are intensive properties.

Sometimes, capital letters and small letters are used for extensive and intensive
properties, respectively. For example, C, indicates heat capacity (k] °C™") and ¢,
specific heat capacity (k] kg™' °C™'). Measured values of intensive properties for
common substances are available in various reference books [5].

1.4
Equilibria and Rates

Equilibria and rates should be clearly distinguished. Equilibrium is the end point of
any spontaneous process, whether chemical or physical, in which the driving
forces (potentials) for changes are balanced and there is no further tendency to
change. Chemical equilibrium is the final state of a reaction at which no further
changes in compositions occur at a given temperature and pressure. As an ex-
ample of a physical process, let us consider the absorption of a gas into a liquid.
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When the equilibrium at a given temperature and pressure is reached after a
sufficiently long time, the compositions of the gas and liquid phases cease to
change. How much of a gas can be absorbed in the unit volume of a liquid at
equilibrium - that is, the solubility of a gas in a liquid - is usually given by the
Henry’s law:

p=HC (1.3)

where p is the partial pressure (Pa) of a gas, C is its equilibrium concentra-
tion (kgm?) in a liquid, and H (Pakg ' m?) is the Henry’s law constant, which
varies with temperature. Equilibrium values do not vary with the experimental
apparatus and procedure.

The rate of a chemical or physical process is its rapidity — that is, the speed of
spontaneous changes toward the equilibrium. The rate of absorption of a gas into a
liquid is how much of the gas is absorbed into the liquid per unit time. Such rates
vary with the type and size of the apparatus, as well as its operating conditions. The
rates of chemical or biochemical reactions in a homogeneous liquid phase depend
on the concentrations of reactants, the temperature, the pressure, and the type and
concentration of dissolved catalysts or enzymes. However, in the cases of het-
erogeneous chemical or biochemical reactions using particles of catalyst, im-
mobilized enzymes or microorganisms, or microorganisms suspended in a liquid
medium, and with an oxygen supply from the gas phase in case of an aerobic
fermentation, the overall or apparent reaction rate(s) or growth rate(s) of the mi-
croorganisms depend not only on chemical or biochemical factors but also on
physical factors such as rates of transport of reactants outside or within the par-
ticles of catalyst or of immobilized enzymes or microorganisms. Such physical
factors vary with the size and shape of the suspended particles, and with the size
and geometry of the reaction vessel, as well as with the operating conditions, such
as the degree of mixing or the rate(s) of gas supply. The physical conditions in
industrial plant equipment are often quite different from those in the laboratory
apparatus used in basic research.

Let us consider, as an example, a case of aerobic fermentation. The maximum
amount of oxygen that can be absorbed into the unit volume of a fermentation
medium at given temperature and pressure (i.e., the equilibrium relationship) is
independent of the type and size of vessel used. On the other hand, the rates of
oxygen absorption into the medium vary with the type and size of the fermentor,
and also with its operating conditions, such as the agitator speeds and rates of
oxygen supply.

To summarize, chemical and physical equilibria are independent of the con-
figuration of apparatus, whereas overall or apparent rates of chemical, biochem-
ical, or microbial processes in industrial plants are substantially dependent on the
configurations and operating conditions of the apparatus used. Thus, it is not
appropriate to perform so-called “scaling-up” using only those data obtained with
a small laboratory apparatus.

7
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1.5
Batch versus Continuous Operation

Most chemical, biochemical, and physical operations in chemical and bioprocess
plants can be performed either batchwise or continuously.

A simple example is the heating of a liquid. If the amount of the fluid is rather
small (e.g., 1kld "), then batch heating is more economical and practical, with use
of a tank which can hold the entire liquid volume and is equipped with a built-in
heater. However, when the amount of the liquid is fairly large (e.g., 1000kld "),
then continuous heating is more practical, using a heater in which the liquid flows
at a constant rate and is heated to a required constant temperature. Most unit
operations can be carried out either batchwise or continuously, depending on the
scale of operation.

Most liquid-phase chemical and biochemical reactions, with or without catalysts
or enzymes, can be carried out either batchwise or continuously. For example, if
the production scale is not large, then a reaction to produce C from A and B, all of
which are soluble in water, can be carried out batchwise in a stirred-tank reactor;
that is, a tank equipped with a mechanical stirrer. The reactants A and B are
charged into the reactor at the start of the operation. Product C is subsequently
produced from A and B as time goes on, and can be separated from the aqueous
solution when its concentration has reached a predetermined value.

When the production scale is large, the same reaction can be carried out con-
tinuously in the same type of reactor, or even with another type of reactor (see
Chapter 7). In this case, the supplies of the reactants A and B and the withdrawal
of the solution containing product C are performed continuously, all at constant
rates. The washout of the catalyst or enzyme particles can be prevented by in-
stalling a filter mesh at the exit of the product solution. Except for the transient
start-up and finish-up periods, all of the operating conditions such as temperature,
stirrer speed, flow rates and the concentrations of the incoming and outgoing
solutions, remain constant — that is, in the steady state.

1.6
Material Balance

Material (mass) balance, the natural outcome from the law of conservation of
mass, is a very important and useful concept in chemical engineering calculations.
With normal chemical and/or biological systems, we need not consider nuclear
reactions that convert mass into energy.

Let us consider a system, which is separated from its surroundings by an
imaginary boundary. The simplest expression for the total mass balance for the
system is as follows:

input — output = accumulation (1.4)

The accumulation can be either positive or negative, depending on the relative
magnitudes of the input and output. It should be zero with a continuously op-
erated reactor mentioned in the previous section.
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We can also consider the mass balance for a particular component in the total
mass. Thus, for a component in a chemical reactor,

input — output + formation — disappearance = accumulation (1.5)

In mass balance calculations involving chemical and biochemical systems, it is
sometimes more convenient to use the molar units, such as kmol, rather than
simple mass units, such as the kilogram.

Example 1.2

A flow of 2000kgh™ of aqueous solution of ethanol (10 wt% ethanol) from a
fermentor is to be separated by continuous distillation into the distillate
(90 wt% ethanol) and waste solution (0.5 wt% ethanol). Calculate the amounts
of the distillate D (kgh™') and the waste solution W (kgh™).

Solution

Total mass balance:
2000=D+ W
Mass balance for ethanol:
2000 x 0.10 = D x 0.90 + (2000 — D) x 0.005

From these relationships we obtain D=212kgh ' and W=1788kgh .

1.7
Energy Balance

Energy balance is an expression of the first law of thermodynamics — that is, the
law of the conservation of energy.

For a nonflow system separated from the surroundings by a boundary, the in-
crease in the total energy of the system is given by:

A(total energy of the system) = Q — W (1.6)

in which Q is the net heat supplied to the system, and W is the work done by the
system. Q and W are both energy in transit and hence have the same dimension as
energy. The total energy of the system includes the total internal energy E, potential
energy (PE), and kinetic energy (KE). In normal chemical engineering calculations,
changes in (PE) and (KE) can be neglected. The internal energy E is the intrinsic
energy of a substance including chemical and thermal energy of molecules.
Although absolute values of E are unknown, AE, difference from its base values,
for example, from those at 0°C and 1atm, are often available or can be calculated.
Neglecting A(PE) and A(KE) we obtain from Equtation 1.6

AE=Q-W (1.7)
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The internal energy per unit mass ¢ is an intensive (state) function. Enthalpy h, a
compound thermodynamic function defined by Equation 1.8, is also an intensive
function.

h=e+pv (1.8)

in which p is the pressure, and v is the specific volume. For a constant pressure
process, it can be shown that

dh = ¢, dt (1.9)

where ¢, is the specific heat at constant pressure.
For a steady-state flow system, again neglecting changes in the potential and
kinetic energies, the energy balance per unit time is given by Equation 1.10.

AH=Q — W, (1.10)

where AH is the total enthalpy change, Q is the heat supplied to the system, and
W is the so-called ““shaft work” done by moving fluid to the surroundings, for
example, work done by a turbine driven by a moving fluid.

Example 1.3

In the second milk heater of a milk pasteurization plant, 10001h ™" of raw milk
is to be heated continuously from 75 to 135 °C by saturated steam at 500 kPa
(152 °C). Calculate the steam consumption (kgh™'), neglecting heat loss. The
density and specific heat of milk are 1.02kgl™! and 0.950 (kcalkg™'°C™),
respectively.

Solution

Applying Equation 1.10 to this case, Wj is zero.
AH = Q = (0.950)(1.02)(1000)(135 — 75) = 58 140kcalh

The heat of condensation (latent heat) of saturated steam at 500 kPa is given in
the steam table as 503.6kcalkg'. Hence, the steam consumption is 58 140/
503.6=115.4kgh .

» Problems

1.1 Convert the following units.

(a) Energy of 1cm? bar into J.
(b) A pressure of 25.31bgin"? into SI units.

1.2 Explain the difference between mass and weight.
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1.3 The Henry constant H'=p/x for NH; in water at 20 °C is 2.70 atm. Calculate
the values of H=p/C, where C is kmolm™, and m=y/x, where x and y are the
mole fractions in the liquid and gas phases, respectively.

1.4 It is required to remove 99% of CH, from 200m*h ™' of air (1atm, 20°C)
containing 20 mol% of CH, by absorption into water. Calculate the minimum
amount of water required (m>h™"). The solubility of CH, in water H' =p/x at 20°C
is 3.76 x 10 atm.

1.5 A weight with a mass of 1kg rests at 10 m above ground. It then falls freely to
the ground. The acceleration of gravity is 9.8 ms ™. Calculate

(a) the potential energy of the weight relative to the ground;
(b) the velocity and kinetic energy of the weight just before it strikes the ground.

1.6 100kgh ' of ethanol vapor at 1 atm, 78.3 °C is to be condensed by cooling with
water at 20 °C. How much water will be required in the case where the exit water
temperature is 30°C? The heat of vaporization of ethanol at 1atm, 78.3°C is
204.3 kcalkg .

1.7 In the milk pasteurization plant of Example 1.3, what percentage of the

heating steam can be saved if a heat exchanger is installed to heat fresh milk at
75 to 95 °C by pasteurized milk at 132 °C?
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2
Elements of Physical Transfer Processes

2.1
Introduction

The role of physical transfer processes in bioprocess plants is as important as that
of biochemical and microbial processes. Thus, knowledge of the engineering
principles of such physical processes is important in the design and operation of
bioprocess plants. Although this chapter is intended mainly for non-chemical
engineers who are unfamiliar with such engineering principles, it might also be
useful to chemical engineering students at the start of their careers.

In chemical engineering, the terminology transfer of heat, mass, and mo-
mentum is referred to as the “transport phenomena.” The heating or cooling of
fluids is a case of heat transfer, a good example of mass transfer being the transfer
of oxygen from air into the culture media in an aerobic fermentor. When a fluid
flows through a conduit, its pressure drops due to friction as a result of transfer of
momentum, as will be shown later.

The driving forces, or driving potentials, for transport phenomena are: (i) the
temperature difference for heat transfer; (ii) the concentration or partial pressure
difference for mass transfer; and (iii) the difference in momentum for momentum
transfer. When the driving force becomes negligible, then the transport phe-
nomenon will ceases to occur, and the system will reach equilibrium.

It should be mentioned here that, in living systems the transport of mass
sometimes takes place apparently against the concentration gradient. This “up-
hill” mass transport, which usually occurs in biological membranes with the
consumption of biochemical energy, is called “active transport,” and should be
distinguished from “‘passive transport,” which is the ordinary “downhill” mass
transport as discussed in this chapter. Active transport in biological systems is
beyond the scope of this book.

Transport phenomena can take place between phases, as well as within one
phase. Let us begin with the simpler case of transport phenomena within one
phase, in connection with the definitions of transport properties.
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2.2
Heat Conduction and Molecular Diffusion

Heat can be transferred by conduction, convection, or radiation, and/or combi-
nations thereof. Heat transfer within a homogeneous solid or a perfectly stagnant
fluid in the absence of convection and radiation takes place solely by conduction.
According to Fourier’s law, the rate of heat conduction along the y-axis per unit area
perpendicular to the y-axis (i.e., the heat flux g, expressed as Wm 2 or kcalm >
h™") will vary in proportion to the temperature gradient in the y direction, dt/dy
(°Cm ™" or Km '), and also to an intensive material property called heat or thermal
conductivity © (Wm 'K~ or kcalh™'m~'°C™"). Thus,

q = —xdt/dy (2.1)

The negative sign indicates that heat flows in the direction of negative tem-
perature gradient, viz., from warmer to colder points. Some examples of the ap-
proximate values of thermal conductivity (kcalh™'m™"°C™") at 20 °C are 330 for
copper, 0.513 for liquid water, and 0.022 for oxygen gas at atmospheric pressure.
Values of thermal conductivity generally increase with increasing temperature.

According to Fick’s law, the flux of the transport of a component A in the mixture
of A and B along the y axis by pure molecular diffusion, that is, in the absence of
convection, J, (kgh 'm?) is proportional to the concentration gradient of the
diffusing component in the y direction, dC,/dy (kgm™*) and a system property
called diffusivity or the diffusion coefficient of A in a mixture of A and B, Dag (m*h ™"
or cm*s ™). Thus,

Ja = —DapdCy/dy (2.2)

It should be noted that Dap is a property of the mixture of A and B, and is
defined with reference to the mixture and not to the fixed coordinates. Except in
the case of equimolar counter-diffusion of A and B, the diffusion of A would result
in the movement of the mixture as a whole. However, in the usual case where the
concentration of A is small, the value of D,p is practically equal to the value de-
fined with reference to the fixed coordinates.

Values of diffusivity in gas mixtures at normal temperature and atmospheric
pressure are in the approximate range of 0.03 to 0.3m”h ™', and usually increase
with temperature and decrease with increasing pressure. Values of the liquid-phase
diffusivity in dilute solutions are in the approximate range of 0.2 to 1.2 x 10~°
m®h ™!, and increase with temperature. Both, gas-phase and liquid-phase diffusiv-
ities can be estimated by various empirical correlations available in reference books.

There exists a conspicuous analogy between heat transfer and mass transfer.
Hence, Equation 2.1 can be rewritten as:

q= — (x/cpp)d(cppt)/dy
— od(cppt)/dy

where c, is specific heat (kcalkg ™" °C™"), p is density (kgm ), and o { =x/(c, p)}
is the thermal diffusivity (m®h "), which has the same dimension as diffusivity.

(2.3)
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2.3
Fluid Flow and Momentum Transfer

The flow of fluid — whether gas or liquid — through pipings takes place in most
chemical or bioprocess plants. There are two distinct regimes or modes of fluid
flow. In the first regime, when all fluid elements flow only in one direction, and
with no velocity components in any other direction, the flow is called laminar,
streamline, or viscous flow. In the second regime, the fluid flow is turbulent, with
random movements of the fluid elements or clusters of molecules occurring, but
the flow as a whole is in one general direction. Incidentally, such random move-
ments of fluid elements or clusters of molecules should not be confused with the
random motion of individual molecules that causes molecular diffusion and heat
conduction discussed in the previous sections, and also the momentum transport in
laminar flow discussed below. Figure 2.1 shows, in conceptual fashion, the velocity
profile in the laminar flow of a fluid between two large parallel plates moving at
different velocities. If both plates move at constant but different velocities, with the
top plate A at a faster velocity than the bottom plate B, a straight velocity profile such
as shown in the figure will be established when steady conditions have been
reached. This is due to the friction between the fluid layers parallel to the plates, and
also between the plates and the adjacent fluid layers. In other words, a faster-moving
fluid layer tends to pull the adjacent slower-moving fluid layer, and the latter tends
to resist it. Thus, momentum is transferred from the faster-moving fluid layer to the
adjacent slower-moving fluid layer. Therefore, a force must be applied to maintain
the velocity gradient; such force per unit area parallel to the fluid layers © (Pa) is
called the shear stress. This varies in proportion to the velocity gradient du/dy (s™?),
which is called the shear rate and is denoted by y (s~ ). Thus,

T = —p(du/dy) = —uy (2.4)

The negative sign indicates that momentum is transferred down the velocity
gradient. The proportionality constant p (Pa s) is called molecular viscosity or simply
viscosity, which is an intensive property. The unit of viscosity in CGS units is called
poise (gcm™'s™!). From Equation 2.4 we obtain

t=—(u/p)d(up)/dy = —vd(up)/dy (25)
Plate A [ s
.
Plate B | -

Figure 2.1 The velocity profile of laminar flow between parallel
plates moving at different velocities.
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which indicates that the shear stress; that is, the flux of momentum transfer varies
in proportion to the momentum gradient and kinematic viscosity v (= u/p)
(cm*s™! or m*h™"). The unit (cm®s™') is sometimes called Stokes and denoted
as St. This is the Newton'’s law of viscosity. A comparison of Equations 2.2, 2.3, and
2.5 indicates evident analogies among the transfer of mass, heat, and momentum.
If the gradients of concentration, heat content and momentum are taken as the
driving forces in the three respective cases, the proportionality constants in the
three rate equations are diffusivity, thermal diffusivity, and kinematic viscosity,
respectively, all having the same dimensions (LT~ ') and the same units (cm?®s ™"
or m*h™").

A fluid with viscosity which is independent of shear rates is called a Newtonian
fluid. On a shear stress—shear rate diagram, such as Figure 2.2, it is represented by
a straight line passing through the origin, the slope of which is the viscosity. All
gases, and most common liquids of low molecular weight (e.g., water and ethanol)
are Newtonian fluids. It is worth remembering that the viscosity of water at 20 °C
is 0.01 poise (1 centipoise) in CGS units and 0.001 Pa s in SI units. Liquid viscosity
decreases with increasing temperature, whereas gas viscosity increases with in-
creasing temperature. The viscosities of liquids and gases generally increase with
pressure, with gas and liquid viscosities being estimated by a variety of equations
and correlations available in reference books.

Fluids that show viscosity variations with shear rates are called non-Newtonian
fluids. Depending on how the shear stress varies with the shear rate, these are
categorized into pseudoplastic, and dilatant, and Bingham plastic fluids (see
Figure 2.2). The viscosity of pseudoplastic fluids decreases with increasing shear
rate, whereas dilatant fluids show an increase in viscosity with shear rate. Bing-
ham plastic fluids do not flow until a threshold stress called the yield stress is

A
P lastic flui
Bingham fluid seudoplastic fluid
£
e Newtonian fluid
g
E=]
@
St
s
P
=
7
Dilatant fluid
|-
Shear rate (du/dy), s!

Figure 2.2 Relationships between shear rate and shear stress
for Newtonian and non-Newtonian fluids.
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applied, after which the shear stress increases linearly with the shear rate. In
general, the shear stress T can be represented by Equation 2.6:

© = K(du/dy)" = p,(du/dy) (2.6)

where Kis called the consistency index, and n is the flow behavior index. Values of n are
smaller than 1 for pseudoplastic fluids, and greater than 1 for dilatant fluids. The
apparent viscosity y, (Pas), which is defined by Equation 2.6, varies with shear rates
(du/dy) (s™); for a given shear rate, u, is given as the slope of the straight line joining
the origin and the point for the shear rate on the shear rate—shear stress curve.

Fermentation broths — that is, fermentation media containing microorganisms —
often behave as non-Newtonian liquids, and in many cases their apparent visc-
osities vary with time, notably during the course of the fermentation.

Fluids that show elasticity to some extent are termed viscoelastic fluids, and some
polymer solutions demonstrate such behavior. Elasticity is the tendency of a sub-
stance or body to return to its original form, after the applied stress that caused a
strain (i.e., a relative volumetric change in the case of a polymer solution) has been
removed. The elastic modulus (Pa) is the ratio of the applied stress (Pa) to strain ().
The relaxation time (s) of a viscoelastic fluid is defined as the ratio of its viscosity
(Pas) to its elastic modulus.

Example 2.1

The following experimental data were obtained with use of a rotational visc-
ometer for an aqueous solution of carboxymethyl cellulose (CMC) containing
1.3 g CMC per 100 ml solution.

Shear rate du/dy (s ") 0.80 3.0 12 50 200
Shear stress t (Pa) 0.329 0.870 2.44 6.99 19.6

Determine the values of the consistency index K, the flow behavior index n,

and also the apparent viscosity i, at the shear rate of 505",

Solution
Taking the logarithms of Equation 2.6 we get
logt = log K + nlog(du/dy)

Thus, plotting the shear stress t on the ordinate and the shear rate du/dy on
the abscissa of a log—log paper gives a straight line Figure 2.3, the slope of
which n=0.74. The value of the ordinate for the abscissa du/dy=1.0 gives
K=0.387. Thus, this CMC solution is pseudoplastic. Also, the average vis-
cosity at y, at the shear rate of 50s ' is 6.99/50 = 0.140 Pas = 140 cp.
Incidentally, plotting data on a log—log paper (i.e., log—log plot) is often used
for determining the value of an exponent, if the data can be represented by an
empirical power function, such as Equation 2.6.
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Figure 2.3 Relationships between shear rate and shear stress.

2.4
Laminar versus Turbulent Flow

As mentioned above, two distinct patterns of fluid flow can be identified, namely
laminar flow and turbulent flow. Whether a fluid flow becomes laminar or tur-
bulent depends on the value of a dimensionless number called the Reynolds
number, (Re). For a flow through a conduit with a circular cross-section (i.e., a
round tube), (Re) is defined as:

Re =dvp/u (2.7)

where d is the inside diameter of the tube (L), v is the linear flow velocity averaged
over the tube cross-section (LT ') (i.e., volumetric flow rate divided by the inside
cross-sectional area of the tube), p is the fluid density (M L™?), and u is the fluid
viscosity (M L™ T™"). Under steady conditions, the flow of fluid through a straight
round tube is laminar, when (Re) is less than approximately 2300. However, when
(Re) is higher than 3000, the flow becomes turbulent. In the transition range
between these two (Re) values the flow is unstable; that is, a laminar flow exists in
a very smooth tube, but only small disturbances will cause a transition to turbulent
flow. This holds true also for the fluid flow through a conduit with a noncircular
cross-section, if the equivalent diameter defined later is used in place of d in
Equation 2.7. However, fluid flow outside a tube bundle, whether perpendicular or
oblique to the tubes, becomes turbulent at much smaller (Re), in which case the
outer diameter of tubes and fluid velocity, whether perpendicular or oblique to the
tubes, are substituted for d and v in Equation 2.7, respectively.

Figure 2.4a shows the velocity distribution in a steady isothermal laminar flow of
an incompressible Newtonian fluid through a straight, round tube. The velocity
distribution in laminar flow is parabolic and can be represented by:

u/v=2[1- (rz/riz)] (2.8)
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(a) Laminar flow (Re < 2300)
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(b) Turbulent flow (Re = 10,000)

Figure 2.4 Velocity profiles of laminar and turbulent flows through a tube.

where u is the local velocity (ms ') at a distance r (m) from the tube axis, v is the
average velocity over the entire cross-section (ms™') (ie., volumetric flow rate
divided by the-cross section), and r; is the inner radius of the tube (m). Equation 2.8
indicates that the maximum velocity at the tube axis, where r=0, is twice the
average velocity.

Equation 2.8 can be derived theoretically, if one considers in the stream an
imaginary coaxial fluid cylinder of radius r and length L, equates (a) the force
n”* AP due to the pressure drop (i.e., the pressure difference AP between the
upstream and downstream ends of the imaginary cylinder) to (b) the force due to
inner friction (i.e., the shear stress on the cylindrical surface of the imaginary
cylinder, 2nrLt=2nrLy (du/dr)), and integrates the resulting equation for the
range from the tube axis, where r =0 and u = u,, to the tube surface, where r=r,
and u=0.

From the above relationships it can also be shown that the pressure drop AP (Pa)
in the laminar flow of a Newtonian fluid of viscosity u (Pas) through a straight,
round tube of diameter d (m) and length L (m) at an average velocity of v (ms™ ") is
given by Equation 2.9, which expresses the Hagen—Poiseuille law:

AP = 32uvL/d? (2.9)
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Thus, the pressure drop AP for laminar flow through a tube varies in proportion
to the viscosity u, the average flow velocity v, and the tube length L, and in inverse
proportion to the square of the tube diameter d. Since v is proportional to the total
flow rate Q (m®s™") and to d~%, AP should vary in proportion to x, Q, L, and d~*.
The principle of the capillary tube viscometer is based on this relationship.

Example 2.2

Derive an equation for the shear rate at the tube surface y, for laminar flow of
Newtonian fluids through a tube of radius r,.

Solution

Differentiation of Equation 2.8 gives

Yo = —(du/dr),_p =4v/n;

Figure 2.4b shows, conceptually, the velocity distribution in the steady turbulent
flow through a straight, round tube. The velocity at the tube wall is zero, and the
fluid near the wall moves in laminar flow, even though the flow of the main body
of fluid is turbulent. The thin layer near the wall in which the flow is laminar is
called the laminar sublayer or laminar film, while the main body of fluid where
turbulence always prevails is called the turbulent core. The intermediate zone be-
tween the laminar sublayer and the turbulent core is called the buffer layer, where
the motion of fluid may be either laminar or turbulent at any given instant. With a
relatively long tube, the above statement holds for most of the tube length, except
for the entrance region. A certain length of tube is required for the laminar sub-
layer to develop fully.

Velocity distributions in turbulent flow through a straight, round tube vary with
the flow rate or the Reynolds number. With increasing flow rates, the velocity
distribution becomes flatter and the laminar sublayer thinner. Dimensionless
empirical equations involving viscosity and density are available which correlate
the local fluid velocities in the turbulent core, buffer layer, and the laminar sub-
layer as functions of the distance from the tube axis. The ratio of the average
velocity over the entire tube cross-section to the maximum local velocity at the tube
axis is approximately 0.7-0.85, and increases with the Reynolds number.

The pressure drop AP (Pa) in turbulent flow of an incompressible fluid with
density p(kg m ) through a tube of length L (m) and diameter d (m) at an average
velocity of v (ms ™) is given by Equation 2.10, viz. the Fanning equation:

AP = 2fpv*(L/d) (2.10)

where f is the dimensionless friction factor, which can be correlated with the
Reynolds number by various empirical equations, for example,
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f =0.079/(Re)*® (2.11)

for the range of (Re) from 3000 to 100 000. It can be seen from comparison
of Equations 2.9 and 2.10 that Equation 2.10 also holds for laminar flow, if fis
given as

f=16/(Re) (2.12)

Correlations are available for pressure drops in flow-through pipe fittings, such
as elbows, bends, and valves, for sudden contractions and enlargements of the
pipe diameter as the ratio of equivalent length of straight pipe to its diameter.

2.5
Transfer Phenomena in Turbulent Flow

The transfer of heat and/or mass in turbulent flow occurs mainly by eddy activity,
namely the motion of gross fluid elements which carry heat and/or mass. Transfer
by heat conduction and/or molecular diffusion is much smaller compared to that
by eddy activity. In contrast, heat and/or mass transfer across the laminar sublayer
near a wall, in which no velocity component normal to the wall exists, occurs solely
by conduction and/or molecular diffusion. A similar statement holds for mo-
mentum transfer. Figure 2.5 shows the temperature profile for the case of heat
transfer from a metal wall to a fluid flowing along the wall in turbulent flow. The
temperature gradient in the laminar sublayer is linear and steep, because heat
transfer across the laminar sublayer is solely by conduction, and the thermal
conductivities of fluids are much smaller those of metals. The temperature gra-
dient in the turbulent core is much smaller, as heat transfer occurs mainly by
convection — that is, by mixing of the gross fluid elements. The gradient becomes
smaller with increasing distance from the wall due to increasing turbulence. The
temperature gradient in the buffer region between the laminar sublayer and
the turbulent core is smaller than in the laminar sublayer, but greater than in the
turbulent core, and becomes smaller with increasing distance from the wall.
Conduction and convection are comparable in the buffer region. It should be
noted that no distinct demarcations exist between the laminar sublayer and the
buffer region, nor between the turbulent core and the buffer region.

What has been said above also holds for solid-fluid mass transfer. The con-
centration gradients for mass transfer from a solid phase to a fluid in turbulent
flow should be analogous to the temperature gradients, such as shown in
Figure 2.5.

When representing rates of transfer of heat, mass, and momentum by eddy
activity, the concepts of eddy thermal conductivity, eddy diffusivity, and eddy
viscosity are sometimes useful. Extending the concepts of heat conduction, mo-
lecular diffusion, and molecular viscosity to include the transfer mechanisms by
eddy activity, one can use Equations 2.13 to 2.15, which correspond to Equations
2.3, 2.2, and 2.5, respectively.
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Laminar sublayer

/— Buffer region
M

Turbulent core

Solid wall

Figure 2.5 Temperature gradient in turbulent heat transfer from solid to fluid.

For heat transfer

q= —(2+ En)d(cppt)/dy (2.13)
For mass transfer

Ja = —(Dap + Ep)(dCa/dy) (2.14)
For momentum transfer

T = —(v+ Ey)d(up)/dy (2.15)

In the above equations, Ey, Ep, and Ey are eddy thermal diffusivity, eddy dif-
fusivity, and eddy kinematic viscosity, respectively, all having the same dimensions
(L*T ). It should be noted that these are not properties of fluid or system, because
their values vary with the intensity of turbulence which depends on flow velocity,
geometry of flow channel, and other factors.

2.6
Film Coefficients of Heat and Mass Transfer

If the temperature gradient across the laminar sublayer and the value of thermal
conductivity were known, it would be possible to calculate the rate of heat transfer
by Equation 2.1. This is usually impossible, however, because the thickness of the
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laminar sublayer and the temperature distribution, such as shown in Figure 2.5,
are usually immeasurable and vary with the fluid velocity and other factors. Thus,
a common engineering practice is to use the film (or individual) coefficient of heat
transfer, h, which is defined by Equation 2.16 and based on the difference between
the temperature at the interface, t; and the temperature of the bulk of fluid, #,:

q=h(t —t) (2.16)

where g is the heat flux (Wm ™% or kcalh ' m™?), and h is the film coefficient of
heat transfer (Wm 2K ! or kcalh 'm™2°C™"). It is worth remembering that
Tkcalm *h '°C '=1.162Wm *K '. The bulk (mixing-cup) temperature t,,
which is shown in Figure 2.5 by a broken line, is the temperature that a stream
would have, if the whole fluid flowing at a cross-section of the conduit were to be
thoroughly mixed. The temperature of a fluid emerging from a heat transfer
device is the bulk temperature at the exit of the device. If the temperature profile
were known, as in Figure 2.5, then the thickness of the effective (or fictive) laminar
film shown by the chain line could be determined from the intersection of the
extension of the temperature gradient in the laminar film with the line for the bulk
temperature. It should be noted that the effective film thickness Ayr is a fictive
concept for convenience. This is thicker than the true thickness of the laminar
sublayer. From Equations 2.1 and 2.16, it is seen that

h =K /Ays (2.17)

Thus, values of h for heating or cooling increase with thermal conductivity .
Also, h values can be increased by decreasing the effective thickness of the laminar
film Ay by increasing fluid velocity along the interface. Various correlations for
predicting film coefficients of heat transfer are provided in Chapter 5.

The film (individual) coefficients of mass transfer can be defined similarly to the
film coefficient of heat transfer. Few different driving potentials are used today to
define the film coefficients of mass transfer. Some investigators use the mole
fraction or molar ratio, but often the concentration difference AC (kg or kmol m?)
is used to define the liquid-phase coefficient k; (mh™'), while the partial pressure
difference Ap (atm) is used to define the gas film coefficient kg, (kmolh ' m >
atm™"). However, using k; and kg, of different dimensions is not very convenient.
In this book, except for Chapter 14, we shall use the gas-phase coefficient kg,
(mh™") and the liquid-phase coefficient k; (mh™"), both of which are based on the
molar concentration difference AC (kmolm ). With such practice, the mass
transfer coefficients for both phases have the same simple dimension (LT™Y).
Conversion between k¢, and kg, is easy, as can be seen from Example 2.4.

By applying the effective film thickness concept, we obtain Equation 2.18 for the
individual phase mass transfer coefficient ke (LT '), which is analogous to
Equation 2.17 for heat transfer:

kc = D/Aye (2.18)

where D is diffusivity (L>T"), and Ay is the effective film thickness (L).
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Example 2.3
Air is heated from 20 to 80 °C with use of an air heater. From operating data,
the air-side film coefficient of heat transfer was determined as 44.2kcalh™!
m~2°C™'. Estimate the effective thickness of the air film. The heat con-
ductivity of air at 50°C is 0.0481kcalh 'm'°C™".
Solution
From Equation 2.17 the effective thickness of the air film is

Aye = k/h = 0.0481/44.2 = 0.00109m = 0.109 cm
Example 2.4
Show the relationship between kg, and ke..
Solution
Applying the ideal gas law to the diffusing component A in the gas phase, pa,
the partial pressure of A, is given as

pa(atm) = RT/V = R(K)(kmol/m?) = 0.0821(K)Cx
where R is the gas constant (atm m*>kmol ' K™'), T is the absolute tempera-
ture (K), and C, is the molar concentration of A in the gas phase (kmol m ).
Thus, the driving potential:

Apa(atm) = RTAC, = 0.0821 Kkmol/m?

1kcp = 1kmol m2h'atm™

= 1kmolm2h~'(0.0821 Kkmol m~3)~"
=12.18mh ' /(K) = 12.18 ke (K)
or
1 ch = 00821(K) kGP i,e.,l k(;c = RT kGP
» Problems

2.1 Derive Equations 2.8 and 2.9.

2.2 Estimate the pressure drop when 5m*h ™' of oil flows through a horizontal

pipe, 3cm i.d. and 50m long. Properties of the oil: density p=0.800gcm>;

viscosity p= 20 poise.
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2.3 From a flat surface of water at 20 °C water is vaporizing into air (25 °C, water
pressure 15.0 mmHg) at a rate of 0.0041gcm 2h™'. The vapor pressure of water
at 20°C is 17.5mmHg. The diffusivity of water vapor in air at the air film tem-
perature is 0.25 cm?s ™', Estimate the effective thickness of the air film above the
water surface.

2.4 The film coefficient of heat transfer in a water heater to heat water from 20 to
80°C is 2300kcalh 'm™2°C™ . Calculate the heat flux and estimate the effective
thickness of the water film. The thermal conductivity of water at 50°C is
0.55kcalh*m~t°c..

2.5 The values of the consistency index K and the flow behavior index n of a di-

latant fluid are 0.415 and 1.23, respectively. Estimate the value of the apparent

viscosity of this fluid at a shear rate of 60s™".

Further Reading

1 Bennett, C.O. and Myers, J.E. (1962)
Momentum, Heat, and Mass Tmnsﬂzr,
McGraw-Hill.

2 Bird, R.B., Stewart, W.E., and Lightfoot,
E.N. (2001) Transport Phenomena, 2nd
edn., John Wiley & Sons, Ltd.
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3
Chemical and Biochemical Kinetics

3.1
Introduction

Bioprocesses involve many chemical and/or biochemical reactions. Knowledge con-
cerning changes in the compositions of reactants and products, as well as their rates
of utilization and production under given conditions, is essential when determining
the size of a reactor. With a bioprocess involving biochemical reactions, for example,
the formation and disappearance terms in Equation 1.5, as well as the mass balance of
a specific component, must be calculated. It is important, therefore, that we have
some knowledge of the rates of those enzyme-catalyzed biochemical reactions that are
involved in the growth of microorganisms, and are utilized for various bioprocesses.

In general, bioreactions can occur in either a homogeneous liquid phase or in
heterogeneous phases, including gas, liquid, and/or solid. Reactions with particles
of catalysts, or of immobilized enzymes and aerobic fermentation with oxygen
supply, represent examples of reactions in heterogeneous phases.

In this chapter, we will provide the fundamental concepts of chemical and
biochemical kinetics, that are important for understanding the mechanisms of
bioreactions, and also for the design and operation of bioreactors. First, we shall
discuss general chemical kinetics in a homogeneous phase, and then apply its
principles to enzymatic reactions in homogeneous and heterogeneous systems.

3.2
Fundamental Reaction Kinetics

3.2.1
Rates of Chemical Reaction

The rate of reaction r; (kmolm™>s™") is usually defined per unit volume of the
fluid in which the reaction takes place, that is:

"= % (%) (3.1)
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where V is the fluid volume (m?) in a reactor, N; the number of moles of i formed
(kmol), and ¢ is the time (s).

In Equation 3.1, the suffix i usually designates a reaction product. The rate r; is
negative, in case i is a reactant. Several factors, such as temperature, pressure, the
concentrations of the reactants, and also the existence of a catalyst, affect the rate
of a chemical reaction. In some cases, what appears to be one reaction may in fact
involve several reaction steps in series or in parallel, one of which may be rate
limiting.

3.2.1.1 Elementary Reaction and Equilibrium

If the rate-limiting step in an irreversible second-order reaction to produce P from
reactants A and B is the collision of single molecules of A and B, then the reaction
rate should be proportional to the concentrations (C) of A and B; that is, Cx
(kmolm ) and Cg (kmol m™>). Thus, the rate of reaction can be given as:

—raA = kCACB (32)
where k is the rate constant for the second-order reaction (m* kmol 's™). Its value
for a given reaction varies with temperature and the properties of the fluid in
which the reaction occurs, but is independent of the concentrations of A and B.
The dimension of the rate constant varies with the order of a reaction.

Equation 3.2 corresponds to the simple stoichiometric relationship:

A+B—P

This type of reaction for which the rate equation can be written according to the
stoichiometry is called an elementary reaction. Rate equations for such cases can
easily be derived. Many reactions, however, are nonelementary, and consist of a
series of elementary reactions. In such cases, we must assume all possible com-
binations of elementary reactions in order to determine one mechanism which is
consistent with the experimental kinetic data. Usually, we can measure only the
concentrations of the initial reactants and final products, since measurements of
the concentrations of intermediate reactions in series are difficult. Thus, rate
equations can be derived under assumptions that rates of change in the con-
centrations of those intermediates are approximately zero (steady-state approx-
imation). An example of such treatment applied to an enzymatic reaction will be
shown in Section 3.2.2.

In a reversible elementary reaction such as

A+B—R+S

the rates of the forward and reverse reactions are given by Equation 3.3 and
Equation 3.4, respectively:

TR, forward = kf CaCs (3 . 3)
—TR,reverse — kb CR CS (3 4)
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The rates of the forward and reverse reactions should balance at the reaction
equilibrium. Hence
CrCs ke

=— =K .
CaCs  kp ¢ (3-5)

where K. is the reaction equilibrium constant.

3.2.1.2 Temperature Dependence of Reaction Rate Constant k

The rates of chemical and biochemical reactions usually increase with tempera-
ture. The dependence of the reaction rate on temperature can usually be re-
presented by the following Arrhenius-type equation over a wide temperature
range:

k = kge 5/RT (3.6)

where ko and E, are the frequency factor and the activation energy (kj kmol '), R s
the gas law constant (8.31kJ kmol ' K™'), and T is the absolute temperature (K).
The frequency factor and the rate constant k should be of the same unit. The
frequency factor is related to the number of collisions of reactant molecules, and is
slightly affected by temperature in actual reactions. The activation energy is the
minimum excess energy which the reactant molecules should possess for a
reaction to occur. From Equation 3.6,
Ea

lnk—lnko——ﬁ (3.7)
Hence, as shown in Figure 3.1, a plot of the natural logarithm of k against 1/T
gives a straight line with a slope of —E,/R, from which the value of E, can be
calculated.

4 T T

*.__ Higher value of Ey

Ink

0 1 - 1
0.0020 0.0022 0.0024

1T, K1

Figure 3.1 An Arrhenius plot.
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Example 3.1

Calculate the activation energy of a reaction from the plot of the experimental
data, Ink versus 1/T, as shown in Figure 3.1.

Solution

The slope of the straight line through the data points (—E,/R) is —6740K.
Thus, the activation energy is given as:

E, = 6740 x 8.31 = 56 000 k] kmol

Rates of reactions with larger values of activation energy are more sensitive to
temperature changes. If the activation energy of a reaction is approximately
50 000k] kmol ~?, the reaction rate will be doubled with a 10 °C increase in reaction
temperature at room temperature. Strictly, the Arrhenius equation is valid only
for elementary reactions. Apparent activation energies can be obtained for non-
elementary reactions.

3.2.1.3 Rate Equations for First- and Second-Order Reactions

The rates of liquid-phase reactions can generally be obtained by measuring the
time-dependent concentrations of reactants and/or products in a constant-volume
batch reactor. From experimental data, the reaction kinetics can be analyzed either
by the integration method or by the differential method:

e In the integration method, an assumed rate equation is integrated and mathe-
matically manipulated to obtain a best straight line plot to fit the experimental
data of concentrations against time.

e In the differential method, values of the instantaneous reaction rate per unit
volume (1/V)(dN;/dt) are obtained directly from experimental data points by
differentiation and fitted to an assumed rate equation.

Each of these methods has both merits and demerits. For example, the in-
tegration method can easily be used to test several well-known specific mechan-
isms. In more complicated cases the differential method may be useful, but this
requires more data points. Analysis by the integration method can generally be
summarized as follows.

The rate equation for a reactant A is usually given as a function of the con-
centrations of reactants. Thus,

—n=—(%5) = wc) (8

where f{C;) is an assumed function of the concentrations C;.
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If f{C) is expressed in terms of Ca, and k is independent of C,, the above
equation can be integrated to give:

dCA —k/dt kt (3.9)

where Cpo is the initial concentration of A. Plotting the left-hand side of
Equation 3.9 against ¢ should give a straight line of slope k. If experimental data
points fit this straight line well, then the assumed specific mechanism can be
considered valid for the system examined. If not, another mechanism could be
assumed.

Irreversible First-Order Reaction If a reactant A is converted to a product P by an
irreversible unimolecular elementary reaction:

A—P

then the reaction rate is given as
= — LA ke (3.10)

Rearrangement and integration of Equation 3.10 give

Ca,
A

In

=kt (3.11)

The fractional conversion of a reactant A is defined as

Nao — Na
Xp = —— 3.12
Nog (3.12)
where Njo (kmol) is the initial amount of A at t=0, and N, (kmol) is the amount
of A at t=t. The fractional conversion can be expressed also in terms of the
concentrations (kmolm 3),

Cao — Ca
Xp = ——7F7 3.13
A Cao (3.13)
Thus,
Ca
Cro=—"—— 3.14
A0 (1 — xA) ( )
Substitution of Equation 3.14 into Equation 3.11 gives
—In(1 —xa) =kt (3.15)

If the reaction is of the first order, then plotting —In(1—x,) or In(Cao/Ca) against
time t should give a straight line through the origin, as shown in Figure 3.2. The
slope gives the value of the rate constant k (s~ 7).
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Figure 3.2 Analysis of a first-order reaction by the integration method.

The heat sterilization of microorganisms and heat inactivation of enzymes are
examples of first-order reactions. In the case of an enzyme being irreversibly heat-
inactivated as follows:

N(active form) LN D(inactivated form)

where kg is the inactivation rate constant, and the rate of decrease in the
concentration Cy of the active form is given by

dCN
=k 1
o aCx (3.16)

Upon integration,
In— = —kqt (3.17)

Plots of the natural logarithm of the fractional remaining activity In(Cy/Cno)
against incubation time at several temperatures should give straight lines. The
time at which the activity becomes one-half of the initial value is called the half-life,
t1/2. The relationship between k4 and t, is given by

_In2

by — —2
¢ t1/2

(3.18)
An enzyme with a higher inactivation constant loses its activity in a shorter time.

Example 3.2

The percentage decreases in the activities of a-amylase incubated at 70, 80, and
85 °C are given in Table 3.1. Calculate the inactivation constants of a-amylase
at each temperature.
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Table 3.1 Heat inactivation of a-amylase.

Incubation time (min) Remaining activity (%)

70°C 80°C 85°C
0 100 100 100
5 100 75 25
10 100 63 10
15 100 57
20 100 47
Solution

Plots of the fractional remaining activity Cy/Cyo against incubation time on
semi-logarithmic coordinates give straight lines, as shown in Figure 3.3. The
values of the inactivation constant k4 calculated from the slopes of these
straight lines are as follows:

Temperature ka (s
70°C Almost zero
80°C 0.000 66
85°C 0.004

At higher temperatures, the enzyme activity decreases more rapidly with
incubation time. The heat inactivation of many enzymes follows such
patterns.
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Figure 3.3 Heat inactivation of a-amylase.
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Irreversible Second-Order Reaction In the case where the reactants A and B are
converted to a product P by a bimolecular elementary reaction:

A+B—P
the rate equation is given as

_dCy dGy
—raA = _W— _W— kCACB (319)

As this reaction is equimolar, the amount of reacted A should be equal to that
of B; that is,

Caoxa = Cpoxsp (3.20)

Thus, the rate equation can be rewritten as

dx
—TA = CAod—tA = k(Cao — Caoxa)(Cro — Caoxa)
c (3.21)
=k Cho(1—xa) (C—BO - xA)
A0

Integration and rearrangement give

(1—xg) . CgCao _
11’1(1 — XA) =In CooCa = (CBO CA())kt (322)

As shown in Figure 3.4, a plot of In[(CgCao)/(CpoCa)] or In[(1—xg)/(1—xa)]
against t gives a straight line, from the slope of which k can be evaluated.
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Figure 3.4 Analysis of a second-order reaction using the integration method.
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3.22
Rates of Enzyme Reactions

Most biochemical reactions in living systems are catalyzed by enzymes — that is,
biocatalysts — which includes proteins and, in some cases, cofactors and coen-
zymes such as vitamins, nucleotides, and metal cations. Enzyme-catalyzed reac-
tions generally proceed via intermediates, for example:

A+ B+ - -+ E(Enzyme) 2EAB - - - (intermediate) 2P+ Q + --- + E

The reactants in enzyme reactions are known as substrates. Enzyme reactions
may involve uni-, bi-, or tri-molecule reactants and products. An analysis of the
reaction kinetics of such complicated enzyme reactions, however, is beyond the
scope of this chapter, and the reader is referred elsewhere [1] or to other reference
books. Here, we shall treat only the simplest enzyme-catalyzed reaction — that is,
an irreversible, uni-molecular reaction.

We consider that the reaction proceeds in two steps, namely:

(first reaction) (second reaction)

A+E 2 EA — P+E

where A is a substrate, E an enzyme, EA is an intermediate (i.e., an enzyme-
substrate complex), and P is a product. Enzyme-catalyzed hydrolysis and isomer-
ization reactions are examples of this type of reaction mechanism. In this case, the
kinetics can be analyzed by the following two different approaches, which lead to
similar expressions.

3.2.2.1 Kinetics of Enzyme Reaction

Michaelis—Menten Approach [2] In enzyme reactions, the total molar concentra-
tion of the free and combined enzyme, Cg, (kmol m ), should be constant; that is:

Cro = Cg + Cga (3.23)

where Cg (kmolm ) and Cgs (kmolm °) are the concentrations of the free
enzyme and the enzyme-substrate complex, respectively. It is assumed that the
aforementioned first reaction is reversible and very fast, reaches equilibrium
instantly, and that the rate of the product formation is determined by the rate of
the second reaction, which is slower and proportional to the concentration of the
intermediate.

For the first reaction at equilibrium the rate of the forward reaction should be
equal to that of the reverse reaction, as stated in Section 3.2.1.1.

ki CaCr = k_1Cia (3.24)
Thus, the equilibrium constant K of the first reaction is

K=

(3.25)
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The rate of the second reaction for product formation is given as

dc
= P — k,Cpa

< (3.26)

Substitution of Equation 3.23 into Equation 3.24 gives the concentration of the
intermediate, Cga.

Coa = A (3.27)

Substitution of Equation 3.27 into Equation 3.26 gives the following Michaelis—
Menten equation:

— kZCEo CA _ VmaxCA
P kk—’ll —+ CA Km + C‘A

(3.28)

where V. is the maximum rate of the reaction attained at the very high substrate
concentrations (kmolm *s™'), and K,, is the Michaelis constant (kmolm3),
which is equal to the reciprocal of the equilibrium constant of the first reaction.
Thus, a small value of K, indicates a strong interaction between the substrate and
the enzyme. An example of the relationship between the reaction rate and the
substrate concentration given by Equation 3.28 is shown in Figure 3.5. Here, the
reaction rate is roughly proportional to the substrate concentration at low substrate
concentrations, and is asymptotic to the maximum rate V,,,, at high substrate
concentrations. The reaction rate is one-half of V,,,, at the substrate concentration
equal to K.

It is usually difficult to express the enzyme concentration in molar units, be-
cause of difficulties in determining the enzyme purity. Thus, the concentration is
sometimes expressed as a “unit,” which is proportional to the catalytic activity of
an enzyme. The definition of an enzyme unit is arbitrary, but one unit is generally
defined as the amount of enzyme which produces 1umol of the product in 1
minute at the optimal temperature, pH, and substrate concentration.
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Figure 3.5 The relationship between the reaction rate and substrate concentration.
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Briggs—Haldane Approach [3] In this approach, the concentration of the inter-
mediate is assumed to attain a steady-state value shortly after the start of a reaction
(steady-state approximation); that is, the change of Cga with time becomes nearly
zero. Thus,

dCea
dt

= kchCE — k,1CEA — kZCEA ~( (329)

Substitution of Equation 3.23 into Equation 3.29 and rearrangement give the
following equation.
k1CroCa

Cpg = — 1 -B0=A 3.30
B L+ ks + kiCa (3.30)

Then, the rate of product formation is given by

_dC, kaCroCa Vi Ca

=—= = 3.31
p dt 1L1,€_+)62+CA Ky + Ca ( )
1

This expression by Briggs—Haldane is similar to Equation 3.28, obtained by the
Michaelis—Menten approach, except that Ky, is equal to (k_;+k;)/k;. These two
approaches become identical, if k_;>k,, which is the case of most enzyme
reactions.

3.2.2.2 Evaluation of Kinetic Parameters in Enzyme Reactions

In order to test the validity of the kinetic models expressed by Equations 3.28 and
3.31, and to evaluate the kinetic parameters K, and V,,,,, experimental data with
different concentrations of substrate are required. Several types of plots for this
purpose have been proposed.

Lineweaver-Burk Plot [4] Rearrangement of the Michaelis-Menten equation
(Equation 3.28) gives
1 1 Knm 1

=— — 3.32
p Vinax * Vimax Ca ( )

A plot of 1/r, against 1/C, would give a straight line with an intercept of 1/ V.
The line crosses the x-axis at —1/Ky,, as shown in Figure 3.6a. Although the
Lineweaver—Burk plot is widely used to evaluate the kinetic parameters of enzyme
reactions, its accuracy is affected greatly by the accuracy of data at low substrate
concentrations.

Ca/r, versus C, Plot  Multiplication of both sides of Equation 3.32 by C, gives

g _ Km CA
rp N Vl’l’laX Vmax

(3.33)
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Figure 3.6 Evaluation of kinetic parameters in Michaelis—Menten equation.

A plot of Ca/r, against Cx would give a straight line, from which the kinetic
parameters can be determined, as shown in Figure 3.6b. This plot is suitable for
regression by the method of least-squares.

Eadie-Hofstee Plot Another rearrangement of the Michaelis—-Menten equation
gives

p = Vinax — Km(';_P (334)
A
A plot of r,, against r,/C, would give a straight line with a slope of —K,,, and an
intercept of Vynay, as shown in Figure 3.6¢c. Results with a wide range of substrate
concentrations can be compactly plotted when using this method, although the
measured values of r, appear in both coordinates.
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All of the above treatments are applicable only to uni-molecular irreversible
enzyme reactions. In the case of more complicated reactions, additional kinetic
parameters must be evaluated, but plots similar to that for Equation 3.32, giving
straight lines, are often used to evaluate the kinetic parameters.

Example 3.3

The rates of hydrolysis of p-nitrophenyl-f-b-glucopyranoside by f-glucosidase,
an irreversible uni-molecular reaction, were measured at several concentra-
tions of the substrate. The initial reaction rates were obtained as shown in
Table 3.2. Determine the kinetic parameters of this enzyme reaction.

Table 3.2 Hydrolysis rate of p-nitrophenyl-f-b-glucopyranoside by f-glucosidase.

Substrate concentration (gmol m ) Reaction rate (gmolm3s™")
5.00 4.84x10*

2.50 3.88x107*

1.67 3.18x10°*

1.25 2.66x10°*

1.00 2.14x107*

Solution

The Lineweaver-Burk plot of the experimental data is shown in Figure 3.7.
The straight line was obtained by the method of least-squares. From the
figure, the values of K,, and V,,,, were determined as 2.4 gmol m?
7.7 x 10~ *gmol m*s™!, respectively.

and

3.2.2.3 Inhibition and Regulation of Enzyme Reactions

Rates of enzyme reactions are often affected by the presence of various chemicals
and ions. Enzyme inhibitors combine, either reversibly or irreversibly, with en-
zymes and cause a decrease in enzyme activity. Effectors control enzyme reactions
by combining with the regulatory site(s) of enzymes. There are several mechan-
isms of reversible inhibition and for the control of enzyme reactions.

Competitive Inhibition An inhibitor competes with a substrate for the binding site
of an enzyme. As an enzyme-inhibitor complex does not contribute to product
formation, it decreases the rate of product formation. Many competitive inhibitors
have steric structures similar to substrates, and are referred to as substrate
analogues.

Product inhibition is another example of such an inhibition mechanism of an
enzyme reactions, and is due to a structural similarity between the substrate and
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Figure 3.7 Lineweaver-Burk plot for the hydrolysis of substrate by B-glucosidase.

the product. The mechanism of competitive inhibition in a uni-molecular irre-
versible reaction is considered as follows:

A+E=2EA

I+ E=EI

EA —-P+E

where A, E, I, and P designate the substrate, enzyme, inhibitor, and product,
respectively.

The sum of the concentrations of the remaining enzyme Cg and its complexes,
Cga and Cgy, should be equal to its initial concentration, Cgy.

Cg, = Cga + Cg1 + Cg (3.35)

If the rates of formation of the complexes EA and EI are very fast, then the
following two equilibrium relationships should hold:

CeCa  k_

=—=Kn 3.36
Cea ky (3:36)
CeC . ki _
K (3.37)

where Kj is the equilibrium constant of the inhibition reaction and is called the
inhibitor constant.

From Equations 3.35 to 3.37, the concentration of the enzyme-substrate com-
plex is given as

CroCa

CEA:—C
Ca+ Kn(1+%)

(3.38)
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Thus, the rate of product formation is given as
VimaxCa

Tp:—CI

(3.39)

In comparison with Equation 3.28 for the reaction without inhibition, the ap-
parent value of the Michaelis constant increases by (K,,C;)/K;, and hence the re-
action rate decreases. At high substrate concentrations, the reaction rates approach
the maximum reaction rate, because a large amount of the substrate decreases the
effect of the inhibitor.

Rearrangement of Equation 3.39 gives

1 1 K G\ 1
i =) = 3.40
p Viax * Vinax ( N KI) C'A ( )

Thus, by the Lineweaver—Burk plot the kinetic parameters K, Kj, and V. can
be graphically evaluated, as shown in Figure 3.8.

Other Reversible Inhibition Mechanisms In noncompetitive inhibition, an in-
hibitor is considered to combine with both an enzyme and the enzyme-substrate
complex. Thus, the following reaction is added to the competitive inhibition
mechanism:

I + EA=EAI

We can assume that the equilibrium constants of the two inhibition reactions
are equal in many cases. Then, the following rate equation can be obtained by the

Increasing C;

1ry,m3s gmol™]
T

UVipay by ‘
x.l/nl.lnl.lnl

1/Cy, m3 gmol'1

Figure 3.8 Evaluation of kinetic parameters of competitive inhibition.
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Michaelis—Menten approach:

o= Vmax
= Ymax
(1 n ’g—m) (1 n %)
_ Vmach
(Ca+ Kn)(1+)

(3.41)

For the case of uncompetitive inhibition, where an inhibitor can combine only
with the enzyme—substrate complex, the rate equation is given as:

Vmax CA

Ca (1 + %) + K 042

1 = kyCea =

The substrate inhibition, in which the reaction rate decreases at high con-
centrations of substrate, follows this mechanism.

Example 3.4

A substrate 1-benzoyl arginine p-nitroanilide hydrochloride was hydrolyzed by
trypsin, with inhibitor concentrations of 0, 0.3, and 0.6mmoll~'. The hy-
drolysis rates obtained are listed in Table 3.3 [5]. Determine the inhibition
mechanism and the kinetic parameters (K, Vi Ki) of this enzyme reaction.

Table 3.3 Hydrolysis rates of L-benzoyl arginine p-nitroanilide hydrochloride by trypsin,
with and without an inhibitor.

Substrate concentration (mmol ™) Inhibitor concn (mmol ™)

0 0.3 0.6
0.1 0.79 0.57 0.45
0.15 1.11 0.84 0.66
0.2 1.45 1.06 0.86
0.3 2.00 1.52 1.22

Hydrolysis rate (umoll~'s™?)

Solution

The results given in Table 3.3 are plotted as shown in Figure 3.9. This Line-
weaver—Burk plot shows that the mechanism is competitive inhibition. From
the line for the data without the inhibitor, K,, and V,,., are obtained as
0.98 gmolm > and 9.1mmolm s, respectively. From the slopes of the
lines, K; is evaluated as 0.6 gmolm >.
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Figure 3.9 Lineweaver—Burk plot of hydrolysis reaction by trypsin.

» Problems

3.1 The rate constants of a first-order reaction
k
A— P

are obtained at different temperatures, as listed in Table P3.1. Calculate the
frequency factor and the activation energy for this reaction.

Temperature (K) Reaction rate constant (1/s)
293 0.011
303 0.029
313 0.066
323 0.140

3.2 In a constant batch reactor, an aqueous reaction of a reactant A proceeds as
given in Table P3.2. Find the rate equation and calculate the rate constant for the
reaction, using the integration method.

Time (min) 0 10 20 50 100
Ca (kmol m™3) 1.0 0.85 0.73 0.45 0.20
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3.3 Derive an integrated rate equation similar to Equation 3.22 for the irr-
eversible second-order reaction, when reactants A and B are introduced in the
stoichiometric ratio:

1/CA - 1/CAO = [XA/(l — xA)]/CA() =kt

3.4 An irreversible second-order reaction in the liquid phase
2A — P

proceeds as shown in Table P3.4. Calculate the second-order rate constant for this
reaction, using the integration method.

Time (min) 0 50 100 200 300
Cy (kmolm ™) 1.00 0.600 0.450 0.295 0212

3.5 An enzyme is irreversibly heat inactivated with an inactivation rate of k4=0.001
1/s at 80 °C. Estimate the half-life t; ), of this enzyme at 80°C.

3.6 An enzyme f-galactosidase catalyzes the hydrolysis of a substrate p-ni-
trophenyl-f-p-glucopyranoside to p-nitrophenol, the concentrations of which are
given at 10, 20, and 40 min in the reaction mixture, as shown in Table P3.6.

Time (min) 10 20 40
p-Nitrophenol concentration (gmol m ™) 0.45 0.92 1.83

1. Calculate the initial rate of the enzyme reaction.
2. What is the activity (units cm ) of B-glucosidase in the enzyme solution?

3.7 An angiotensin-I converting enzyme (ACE) controls blood pressure by cata-
lyzing the hydrolysis of two amino acids (His-Leu) at the C terminus of angio-
tensin-I to produce a vasoconstrictor, angiotensin-II. The enzyme can also
hydrolyze a synthetic substrate, hippuryl-i-histidyl-i-leucine (HHL) to hippuric
acid (HA). At four different concentrations of HHL solutions (pH 8.3), the initial
rates of HA formation (umol min~") are obtained as shown in Table P3.7. Several
small peptides (e.g., Ile-Lys-Tyr) can irreversibly inhibit the ACE activity. The re-
action rates of HA formation in the presence of 1.5 pmol1™" and 2.5 pmol1™" of an
inhibitory peptide (Ile-Lys-Tyr) are also given in the table.

HHL concentration (gmol m73) 20 8.0 4.0 2.0
Reaction rate (mmolm ™ min™)

Without peptide 1.83 1.37 1.00 0.647
1.5 umol 1™ peptide 1.37 0.867 0.550 0.313

2.5 pmoll™ peptide 1.05 0.647 0.400 0.207
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1. Determine the kinetic parameters of the Michaelis—Menten reaction for the
ACE reaction without the inhibitor.
2. Determine the inhibition mechanism and the value of K.

3.8 The enzyme invertase catalyzes the hydrolysis of sucrose to glucose and
fructose. The rate of this enzymatic reaction decreases at higher substrate con-
centrations. Using the same amount of invertase, the initial rates at different
sucrose concentrations are given in Table P3.8.

Sucrose concentration (gmol m3) Reaction rate (gmol m > min~")
10 0.140
25 0.262
50 0.330

100 0.306

200 0.216

1. When the following reaction mechanism of the substrate inhibition is
assumed, derive Equation 3.42.

E+ S2ES k_1/k1 = Ki
ES + S2ES, k,i/kiIKl
ES—E+P

2. Assuming that the values of K, and K; are equal, determine the value.
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4
Cell Kinetics

4.1
Introduction

A number of foods, alcohols, amino acids and other materials have long
been produced via fermentations employing microorganisms. Recent develop-
ments in biotechnology — and especially in gene technology — have made it
possible to use genetically engineered microorganisms and cells for the produc-
tion of new pharmaceuticals and agricultural chemicals. These materials are
generally produced via complicated metabolic pathways of the microorganisms
and cells, and achieved by complicated parallel and serial enzyme reactions that
are accompanied by physical processes, such as those described in Chapter 2. At
this point it is not appropriate to follow such mechanisms of cell growth only from
the viewpoints of individual enzyme kinetics, such as discussed in Chapter 3.
Rather, in practice, we can assume some simplified mechanisms, and conse-
quently a variety of models of kinetics of cell growth have been developed based on
such assumptions. In this chapter, we will discuss the characteristics and kinetics
of cell growth.

4.2
Cell Growth

If microorganisms are placed under suitable physical conditions in an aqueous
medium containing suitable nutrients, they are able to increase their number and
mass by processes of fission, budding, and/or elongation. As the bacterial cells
contain 80-90% water, some elements — such as carbon, nitrogen, phosphorus,
and sulfur, as well several other metallic elements — must be supplied from the
culture medium. Typical compositions of culture media for bacteria and yeast are
listed in Table 4.1. For animal cell culture, the media normally consist of a basal
medium containing amino acids, salts, vitamins, glucose, and so on, in addition
to 5-20% blood serum. Aerobic cells require oxygen for their growth, whereas
anaerobic cells are able to grow without oxygen.

Biochemical Engineering: A Textbook for Engineers, Chemists and Biologists
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Table 4.1 Typical compositions of fermentation media.

For bacteria (LMB medium) For yeast (YEPD medium)
Yeast extract 5g Yeast extract 10g
Tryptone 10g Peptone 20g
NaCl 5g Glucose (20%) 100 ml
MgCL (2 M) 5ml Water to make 1 liter
Tris-HCI buffer (2 M, pH 7.4) 4ml

Water to make 1 liter

The cell concentration is usually expressed by the cell number density C, (the
number of cells per cubic meter of medium), or by the cell mass concentration Cy
(the dry weight, in kg, of cells per cubic meter of medium). For any given size and
composition of a cell, the cell mass and the cell number per unit volume of
medium should be proportional. Such is the case of balanced growth, which is
generally attained under some suitable conditions. The growth rate of cells on a
dry mass basis, r, (expressed as kg dry cells m >h™"), is defined by:

re = dCy/dt (4.1)
In balanced growth,

_dCX_
=3 =

Ty 1Cy (4.2)
where the constant u (h™?) is the specific growth rate, a measure of the rapidity of
growth. The time required for the cell concentration (mass or number) to double —
that is, the doubling time tq (h) — is given by Equation 4.3, upon integration of
Equation 4.2.

s = (In2)/u (43)

The time from one fission to the next fission, or from budding to budding, is the
generation time t, (h), and is approximately equal to the doubling time. Several
examples of specific growth rates are given in Table 4.2.

As cells grow, they consume the nutrients (i.e., substrates) from the medium. A
portion of a substrate is used for the growth of cells and constitutes the ell

Table 4.2 Examples of specific growth rates.

Bacterium or cell Temperature (°C) Specific growth rate (h™")
E. coli 40 2.0

Aspergillus niger 30 0.35

Saccharomyces cerevisiae 30 0.17-0.35

Hela cell 37 0.015-0.023
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components. The cell yield with respect to a substrate S in the medium Y, [(kg dry
cells formed)/(kg substrate consumed] is defined by

CX - CXO
Y= 22 4.4

C. -G, (4.4)
where C, is the mass concentration of the substrate, and Cg, ad C,q are the initial
values of C; and G, respectively. Examples of the cell yields for various cells with
some substrates are given in Table 4.3 [1].

Table 4.3 Cell yields of several microorganisms.

Microorganism Substrate Y,s (kg dry cell kg substrate ™)
Aerobacter aerogenes Glucose 0.40

Saccharomyces cerevisiae Glucose (aerobic) 0.50

Candida utilis Glucose 0.51

Candida utilis Acetic acid 0.36

Candida utilis Ethanol 0.68

Pseudomonas fluorescens Glucose 0.38

4.3

Growth Phases in Batch Culture

When a small number of cells are added (inoculated) to a fresh medium of a
constant volume, the cells will first self-adjust to their new environment and then
begin to grow. At the laboratory scale, oxygen needed for aerobic cell growth is
supplied by: (i) shaking the culture vessel (shaker flask) which contains the culture
medium and is equipped with a closure that is permeable only to air and water
vapor; or (ii) by bubbling sterile air through the medium contained in a static
culture vessel. The cell concentration increases following a distinct time course; an
example is shown in Figure 4.1, where logarithms of the cell concentrations are
plotted against the cultivation time. A semi-logarithmic paper can conveniently be
used for such a plot.

The time course curve, or growth curve, for a batch culture usually consists of six
phases, namely the lag, accelerating, exponential growth, decelerating, stationary,
and declining phases.

During the lag phase, the cells inoculated into a new medium self-adjust to the
new environment and begin to synthesize the enzymes and components necessary
for growth. The number of cells does not increase during this period. The duration
of the lag phase depends on the type of cells, the age and number of inoculated
cells, their adaptability to the new culture conditions, and other factors. For ex-
ample, if cells already growing in the exponential growth phase are inoculated into
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Figure 4.1 Typical growth curve in batch cell culture.

a medium of the same composition, the lag phase may be very short. On the other
hand, if cells in the stationary phase are inoculated, they may show a longer lag
phase.

Cells that have adapted to the new culture conditions begin to grow after the lag
phase; this period is called the accelerating phase. The growth rate of the cells
gradually increases and reaches a maximum value in the exponential growth phase,
where cells grow with a constant specific growth rate, fi,,, (balanced growth). For
the exponential growth phase, Equation 4.2 can be integrated from time zero to ¢ to
give

CX = CXO exp(numaxt) (45)

where Cyo (kg dry cells m~? medium) is the cell mass concentration at the start of
the exponential growth phase. It is clear from Equation 4.5 why this phase is called
the exponential growth phase; the cell concentration—time relationship for this
phase can be represented by a straight line on a log C versus ¢ plot, as shown in
Figure 4.1.

After the exponential growth phase, the cell growth is limited by the availability
of nutrients and the accumulation of waste products of metabolism. Consequently,
the growth rate gradually decreases, and this phase is called the decelerating phase.

Finally, growth stops in the stationary phase. In some cases the rate of cell growth
is limited by the supply of oxygen to the medium. When the stationary phase cells
begin to die and destroy themselves (by lysis) in the declining phase, the resultis a
decrease in the cell concentration.
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4.4
Factors Affecting Rates of Cell Growth

The rate of cell growth is influenced by temperature, pH, composition of medium,
the rate of air supply, and other factors. In the case that all other conditions are
kept constant, the specific growth rate may be affected by the concentration of a
certain specific substrate (the limiting substrate). The simplest empirical expres-
sion for the effect of the substrate concentration on the specific growth rate is the
following Monod equation, which is similar in form to the Michaelis—-Menten
equation for enzyme reactions:

_ HMmax G

_ 4.6
K=k +cC (4.6)

where C, is the concentration of the limiting substrate (kmolm?) and the
constant K; is equal to the substrate concentration at which the specific growth
rate is one-half of fi., (™). It is assumed that cells grow with a constant cell
composition and a constant cell yield. Examples of the relationships between the
concentrations of the limiting substrate and the specific growth rates are shown in
Figure 4.2.

0.4 T T
Monod equation

03} Eq. (4.6) 7
- With maintenance metabolism
! Eq. (4.7)
= q ]
s 02

0.1 Substrate inhibition |

Eq. (4.9)
0 0 1 | 1 1 1
0 K, 5 10 15

C,, 1074 kmol m™3

Figure 4.2 Specific growth rates by several models, ftma=0.35h"",
Ks=1.4x10"*kmolm™3, K,=5 x 10~*kmol m~3.

Several improved expressions for the cell growth have been proposed. In the
case that cells do not grow below a certain concentration of the limiting substrate,
due to the maintenance metabolism, a term i (h™') corresponding to the sub-
strate concentration required for maintenance is subtracted from the right-hand
side of Equation 4.6. Thus,

_ .umax CS

_ _ 4.
K M (4.7)

u
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1=0, when

:umax Cs <

4.8
K+ C = Hs (4.8)

Some substrates inhibit cell growth at high concentrations. Equation 4.9, one of
the expressions for such cases, can be obtained on the assumption that excess
substrate will inhibit cell growth, in analogy to the uncompetitive inhibition in
enzyme reactions, for which Equation 3.42 holds:

- %CSCZ (4.9)

Ko+ Cot+ 2
K; can be defined similarly to Equation 3.42.

The products of cell growth, such as ethyl alcohol and lactic acid, occasionally
inhibit cell growth. In such cases, the product is considered to inhibit cell growth
in the same way as do inhibitors in enzyme reactions, and the following equation
(which is similar to Equation 3.41, for noncompetitive inhibition in enzyme re-
actions) can be applied:

_ Hmax G K
Ko+ Cs Ki + Cp

(4.10)

where Cj, is the concentration of the product.

4.5
Cell Growth in Batch Fermentors and Continuous Stirred-Tank Fermentors (CSTF)

4.5.1
Batch Fermentor

In case the Monod equation holds for the rates of cell growth in the exponential
growth, decelerating and stationary phases in a uniformly mixed fermentor op-
erated batchwise, a combination of Equations 4.2 and 4.6 gives

dCX tumax CS
_ ] 411
dt K+ G ( )
As the cell yield is considered to be constant during these phases,
dcC 1 dcC
o= (4.12)

Thus, plotting C, against C; should give a straight line with a slope of —Y,, and
the following relationship should hold:

Cxo + YyisCso = Cx + Yy Cs = constant (4.13)
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where C,y and Cg are the concentrations of cell and the limiting substrate at t=0,
respectively. Substitution of Equation 4.13 into Equation 4.11 and integration give
the following equation:

Ks Yy X Ks Yy 1- X
Lot = (LjL 1>ln—+ 58 In 0 (4.14)

Cyo + YxsCso Xo Co+ YsCso 1-X
where

&
X=—0"——7— 4.15
CXO + YXSCSO ( )

Note that X is the dimensionless cell concentration.

Example 4.1

Draw dimensionless growth curves (X against fiyayt) for
KsYys/Cyot YysCso = 0,0.2,and 0.5, when X, = 0.05.

Solution

In Figure 4.3 the dimensionless cell concentrations X are plotted on semi-
logarithmic coordinates against the dimensionless cultivation time piy,a4t for
the different values of K;Yyxs/Cyo + YxsCso- With an increase in these values,
the growth rate decreases and reaches the decelerating phase at an earlier
time. Other models can be used for estimation of the cell growth in batch

fermentors.
1 T T ré e T Ju——
K.Y 7
S T x/§ 05
[ 0,263 o
LCo + YX/SCSO /_/
X /.
/ /
0-1 2/,
o
1 1 1 1 ]

00 10 20 3.0 40 50 6.0
t

M max

Figure 4.3 Dimensionless growth curves in a batch fermentor.
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4.5.2
Continuous Stirred-Tank Fermentor

Stirred-tank reactors can be used for continuous fermentation, because the cells
can grow in this type of fermentor without their being added to the feed medium.
In contrast, if a plug-flow reactor is used for continuous fermentation, then it is
necessary to add the cells continuously to the feed medium, but this makes the
operation more difficult.

There are two different ways of operating a continuous stirred-tank fermentor,
namely chemostat and turbidostat. In the chemostat, the flow rate of the feed
medium and the liquid volume in the fermentor are kept constant. The rate of cell
growth will then adjusts itself to the substrate concentration, which depends on
the feed rate and substrate consumption by the growing cells. In the turbidostat
the liquid volume in the fermentor and the liquid turbidity, which varies with the
cell concentration, are kept constant by adjusting the liquid flow rate. Whereas,
turbidostat operation requires a device to monitor the cell concentration (e.g., an
optical sensor) and a control system for the flow rate, chemostat is much simpler
to operate and hence is far more commonly used for continuous fermentation.
The characteristics of the continuous stirred-tank fermentor (CSTF), when oper-
ated as a chemostat, is discussed in Chapter 12.

Problems

4.1 Escherichia coli grows with a doubling time of 0.5 h in the exponential growth
phase.

1. What is the value of the specific growth rate?
2. How much time would be required to grow the cell culture from 0.1 kg-dry cell
m > to 10 kg-dry cell m*?

4.2 E. coli grows from 0.10kg-dry cell m > to 0.50kg-dry cell m > in 1h.

1. Assuming the exponential growth during this period, evaluate the specific
growth rate.

2. Evaluate the doubling time during the exponential growth phase.

3. How much time would be required to grow from 0.10 kg-dry cell m > to 1.0kg-
dry cell m3? You may assume the exponential growth during this period.

4.3 Pichia pastoris (a yeast) was inoculated at 1.0 kg-dry cell m > and cultured in a
medium containing 15 wt% glycerol (batch culture). The time-dependent con-
centrations of cells are shown in Table P4.3.

Time (h) o 1 2 3 5 10 15 20 25 30 40 50
Cell conc. (l<g-drycellm’3) 1.0 1.0 1.0 1.1 1.7 41 83 182 36.2 643 86.1 984




Further Reading | 55

1. Draw a growth curve of the cells by plotting the logarithm of the cell con-
centrations against the cultivation time.

2. Assign the accelerating, exponential growth, and decelerating phases of the
growth curve in part (a).

3. Evaluate the specific growth rate during the exponential growth phase.

4.4 Yeast cells grew from 19kg-dry cell m > to 54 kg-dry cell m > in 7h. During
this period, 81 g of glycerol was consumed per 11 of the fermentation broth. De-
termine the average specific growth rate and the cell yield with respect to glycerol.

4.5 E. coli was continuously cultured in a continuous stirred-tank fermentor with a
working volume of 1.01 by chemostat. A medium containing 4.0 g1~ of glucose as
a carbon source was fed to the fermentor at a constant flow rate of 0.51h ™", and the
glucose concentration in the output stream was 0.20 g1~ ". The cell yield with re-
spect to glucose (Yy) was 0.42g-dry cell/g-glucose. Determine the cell con-
centration in the output stream and the specific growth rate.

Reference

1 Nagai, S. (1979) Adv. Biochem. Eng., 11, 53.

Further Reading

1 Aiba, S., Humphrey, A.E., and Mills, N.F.
(1973) Biochemical Engineering, 2nd edn,
University of Tokyo Press.
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5
Heat Transfer

5.1
Introduction

Heat transfer (heat transmission) is an important unit operation in chemical and
bioprocess plants. In general, heat is transferred by one of the three mechanisms,
namely conduction, convection, and radiation, or by their combinations. However,
we need not consider radiation in bioprocess plants, which usually operate at re-
latively low temperatures. The heating and cooling of solids rarely become pro-
blematic in bioprocess plants.

The term “heat exchanger” in the broader sense means heat transfer equipment
in general. In the narrower sense, however, it means an equipment in which
colder fluid is heated with use of the waste heat from a hotter fluid. For example,
in milk pasteurization plants the raw milk is usually heated in a heat exchanger by
pasteurized hot milk, before the raw milk is heated by steam in the main heater.

Figure 5.1 shows, conceptually, four commonly used types of heat transfer
equipment, although many more refined designs of such equipment exist. On a
smaller scale, a double-tube type is used, whereas on an industrial scale a shell-
and-tube-type heat exchanger is frequently used.

5.2
Overall Coefficients U and Film Coefficients h

Figure 5.2 shows the temperature gradients in the case of heat transfer from fluid
1 to fluid 2 through a flat, metal wall. As the thermal conductivities of metals are
greater than those of fluids, the temperature gradient across the metal wall is less
steep than those in the fluid laminar sublayers, through which heat must be
transferred also by conduction. Under steady-state conditions, the heat flux g
(kcalh™'m ™2 or Wm™?) through the two laminar sublayers and the metal wall
should be equal. Thus,

g=hi(ti —tw1) = (/%) (tw1 — tw2) = h2(tw2 — 12) (5.1)

Biochemical Engineering: A Textbook for Engineers, Chemists and Biologists
Shigeo Katoh and Fumitake Yoshida

Copyright © 2009 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim
ISBN: 978-3-527-32536-8
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o — — [ ] —
+' L= J
1
(a) Double-tube type J (b) Shell-and-tube type

(c) Coil-type (d) Plate-type

Figure 5.1 Some common types of heat exchanger.

where hy and h, are the film coefficients of heat transfer (kcalh 'm 2°C™")
(cf. Section 2.6) for fluids 1 and 2, respectively, x is the thermal conductivity of the
metal wall (kcalh™'m™'°C™" or Wm™'K™!), and x is the metal wall thickness
(m). Evidently,

t—t = (h — tw1) + (bw1 — tw2) + (kw2 — 12) (5.2)

In designing and evaluating heat exchangers, Equation 5.1 cannot be used di-
rectly, as the temperatures of the wall surface t,; and ty, are usually unknown.
Thus, the usual practice is to use the overall heat transfer coefficient U (kcal
h™'m 2°C" or Wm >K "), which is based on the overall temperature difference
(t1—t,); that is, difference between the bulk temperatures of two fluids. Thus,

qg=U(t; — 1) (5.3)
From Equations 5.1 to 5.3 we obtain
1/U=1/m+x/k+1/h, (5.4)

This equation indicates that the overall heat transfer resistance, 1/ U, is the sum
of the heat transfer resistances of fluid 1, metal wall, and fluid 2.

The values of k and x are usually known, while the values of h; and h, can be
estimated, as will be described later. It should be noted that, as in the case of
electrical resistances in series, the overall resistance for heat transfer is often
controlled by the largest individual resistance. Suppose, for instance, a gas (fluid 2)
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Figure 5.2 The temperature gradients in heat transfer from
one fluid to another through a metal wall.

is heated by condensing steam (fluid 1) in a heat exchanger with a stainless steel
wall (k=20kcalh 'm~'°C™"), 1mm thick. In case it is known that h; = 7000
kcalh 'm 2°C™! and h;=35.0kcalh 'm 2°C™"), calculation by Equation 5.4
gives U=34.8kcalh 'm 2°C™!, which is almost equal to h,. In such cases, the
resistances of the metal wall and condensing steam can be neglected.

In the case of heat transfer equipment using metal tubes, one problem is which
surface area — the inner surface area A; or the outer surface area A, — should be
taken in defining U. Although this is arbitrary, the values of U will depend on
which surface area is taken. Clearly, the following relationship holds:

UiA; = U A, (55)

where U; is the overall coefficient based on the inner surface area A;, and U, is
based on the outer surface area A,. In a case such as mentioned above, where h on
one of the surface is much smaller than h on the other side, it is suggested that U
should be defined based on the surface for smaller h values. Then, U would
become practically equal to the smaller h. For the general case, see Example 5.1.

In practical design calculations, we usually must consider the heat transfer re-
sistance of the dirty deposits that accumulate on the heat transfer surface after a
period of use. This problem of resistance cannot be neglected, in case the values of
heat transfer coefficients h are relatively high The reciprocal of this resistance is
termed the fouling factor, and this has the same dimension as h. Values of the
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fouling factor based on experience are available in a variety of reference books.
As an example, the fouling factor with cooling water and that with organic liquids
are in the (very approximate) ranges of 1000 to 10000kcalh ' m~2°C™" and 1000
to 5000kcalh™' m~%°C™", respectively.

Example 5.1

A liquid-liquid heat exchanger uses metal tubes that are 30 mm internal
diameter and 34 mm outer diameter. The value of h for liquid 1 flowing inside
the tubes (hy); = 1230kcalh™'m?°C™", while h for liquid 2 flowing outside
the tubes (h,), = 987 kcal h™'m 2°C™!. Estimate U, based on the outside tube
surface, and U; for the inside tube surface, neglecting the heat transfer re-
sistance of the tube wall and the dirty deposit.

Solution
First, (hy); is converted to (h;), based on the outside tube surface:
(h1), = (h1); x 30/34 = 1230 x 30/34 = 1085kcalh ' m~2°C™!
Then, neglecting the heat transfer resistance of the tube wall
1/U° =1/(h1), +1/(h2), = 1/1085 + 1/987
U, = 517kcalh ' m—2°C!
By Equation 5.5
U; = 517 x 34/30 = 586kcalh ' m~2°C™!

5.3
Mean Temperature Difference

The points discussed so far apply only to the local rate of heat transfer at one point
on the heat transfer surface. As shown in Figure 5.3, the distribution of the overall
temperature differences in practical heat transfer equipment is not uniform over
the entire heat transfer surface in most cases. Figure 5.3 shows the temperature
difference distributions in: (a) a counter-current heat exchanger, in which both
fluids flow in opposite directions without phase change; (b) a co-current heat ex-
changer, in which both fluids flow in the same directions without phase change;
(c) a fluid heated by condensing vapor, such as steam, or a vapor condenser cooled
by a fluid, such as water; and (d) a fluid cooled by a boiling liquid, for example, a
boiling refrigerant. In all of these cases, a mean temperature difference should be
used in the design or evaluation of the heat transfer equipment. It can be shown
that, in the overall rate equation (Equation 5.6), the logarithmic mean temperature
difference (At)1, as defined by Equation 5.7 should be used, provided that at least
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one of the two fluids, which flow in parallel or counter-current to each other,
undergoes no phase change and that the variations of U and the specific heats are
negligible.

Q=UA(AY),, (5.6)
where
(At), = (Aty — Aty) /In(At1 /Ay) (57)

where Q is the total heat transfer rate (kcalh ™' or W), A is the total heat transfer
area (m?), and At; and At, are the larger and smaller temperature differences (°C)
at both ends of the heat transfer area, respectively. The logarithmic mean is always
smaller than the arithmetic mean. When the ratio of At, and At; is less than 2, the
arithmetic mean could be used in place of the logarithmic mean, because the two
mean values differ by only several percentage points. In those cases where the two
fluids do not flow in counter-current or parallel-current without phase change, for
example, in cross-current to each other, then the logarithmic mean temperature
difference (At)y,, must be multiplied by certain correction factors, the values of
which for various cases are provided in reference books (e.g., [1]).

It can be shown that the logarithmic mean temperature difference may also be
used for the batchwise heating or cooling of fluids. In such cases, the logarithmic
mean of the temperature differences at the beginning and end of the operation
should be used as the mean temperature difference.

(a) (b)

Atl T
At

o o
| v K3
\t\ x L/
X
(c) (d)
T v

T Aty /T/—f
Ay // - Ali[

Figure 5.3 Typical temperature differences in heat transfer equipment.
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Example 5.2

Derive Equation 5.6 for the logarithmic mean temperature difference.

Solution

If variations of U, and the specific heat(s) and flow rate(s) of the fluid(s)
flowing without phase change are negligible, then the relationship between Q
and At should be linear. Thus,

d(At)/dQ = (A — Ak)/Q (2)
and

dQ = UAtdA (b)
Combining Equations a and b

d(At)/At = (At; — At,) UdA/Q (c)
Integration of Equation c gives

In(Aty/Aty) = (At; — At;)UA/Q  i.e., Equation 5.6

5.4
Estimation of Film Coefficients h

Extensive experimental data and many correlations are available in the literature
for individual heat transfer coefficients in various cases, such as the heating and
cooling of fluids without phase change, and for cases with phase change, viz., the
boiling of liquids and condensation of vapors. Individual heat transfer coefficients
can be predicted by a variety of correlations, most of which are either empirical or
semi-empirical, although it is possible to predict h-values from a theoretical
standpoint for pure laminar flow. Correlations for h are available for heating or
cooling of fluids in forced flow in various heat transfer devices, natural convection
without phase change, condensation of vapors, boiling of liquids, and other cases,
as functions of fluid physical properties, geometry of devices, and operating
conditions such as fluid velocity. Only a few examples of correlations for h in
simple cases will be outlined below; for other examples the reader should refer to
various reference books, if necessary (e.g., [1]).

5.4.1
Forced Flow of Fluids Through Tubes (Conduits)

For the individual (film) coefficient h for heating or cooling of fluids, without phase
change, in turbulent flow through circular tubes, the following dimensionless
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equation [2] is well established. In the following equations all fluid properties are
evaluated at the arithmetic-mean bulk temperature.

(hds/ic) = 0.023(ds v p/p0) "% (/1) (5.8)
or
(Nu) = 0.023(Re)**(Pr)"/? (5.8a)

in which d; is the inner diameter of tube (m), k is the thermal conductivity of fluid
(kcalh ™ 'm™"'°C™"), v is the average velocity of fluid through tube (mh™"), p is the
liquid density (kgm ), ¢, is the specific heat at constant pressure (kcalkg ' °C™"),
1 is the liquid viscosity (kgm™"h™"), (Nu) is the dimensionless Nusselt number,
(Re) is the dimensionless Reynolds number (based on the inner tube diameter),
and (Pr) is the dimensionless Prandtl number.

The film coefficient h for turbulent flow of water through a tube can be esti-
mated by the following dimensional equation [1]:

h = (3210 + 43t)1°8 /g2 (5.8b)

in which h is the film coefficient (kcalh™*m~?°C™'), t is the average water
temperature (°C), v the average water velocity (ms '), and d; is the inside diameter
of the tube (cm).

Flow through tubes is sometimes laminar, when fluid viscosity is very high or
the conduit diameter is very small, as in the case of hollow fibers. The values of h
for laminar flow through tubes can be predicted by the following dimensionless
equation [1, 3]:

(Nu) = (hd;/x) = 1.62 (Re)"*(Pr)'/3(d; /L)' (5.9)
(Nu) = 1.75(We, /x L)'/* = 1.75 (Gz)'/? (5.9a)

in which (Gz) is the dimensionless Graetz number, W is the mass flow rate of
fluid per tube (kgh™'), and L is the tube length (m), which affects h in laminar
flow because of the end effect. Equations 5.9 and 5.9a hold for the range of (Gz)
larger than 40. Values of (Nu) for (Gz) below 10 approach an asymptotic value of
3.66. (Nu) for the intermediate range of (Gz) can be estimated by interpolation on
log-log coordinates.

Equations 5.8 and 5.9 give h for straight tubes. It is known that the values of h
for fluids flowing through coils increase somewhat with decreasing radius of helix.
However, in practice the values of h for straight tubes can be used in this situation.

In general, values of h for the heating or cooling of a gas (e.g., 5-50kcalh ™!
m2°C™"! for air) are much smaller than those for liquids (e.g., 1000-5000 kcal
h™'m 2°C™! for water), because the thermal conductivities of gases are much
lower than those of liquids.

Values of h for turbulent or laminar flow through a conduit with a noncircular
cross-section can also be predicted by either Equation 5.8 or Equation 5.9,
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respectively, by using the equivalent diameter d., as defined by the following
equation, in place of d;.

de = 4 x (cross-sectional area)/(wetted perimeter) (5.10)

For example, d. for a conduit with a rectangular cross-section with the width b
and height z is given as:

de =4bz/[2(b + 2)] (5.11)

Thus, d. for a narrow space between two parallel plates, of which b is sufficiently
large compared with z, d. is almost equal to 2z. Values of d. for such cases as fluid
flow through the annular space between the outer and inner tubes of the double
tube-type heat exchanger or fluid flow outside and parallel to the tubes of multi-
tubular heat exchanger can be calculated using Equation 5.11.

Example 5.3

Calculate the equivalent diameter of the annular space of a double tube-type
heat exchanger. The outside diameter of the inner tube (d;) is 4.0cm, and the
inside diameter of the outer tube (d,) is 6.0 cm.

Solution
By Equation 5.10,
de = 4(n/4) (&5 — &) /n(dy + dp) = d, — dy
=6.0cm —4.0cm = 2.0cm

In the above example, the total wetted perimeter is used in calculating d.. In
certain practices, however, the wetted perimeter for heat transfer — which would be
7 d; in the above example — is used in the calculation of d..

In the case where the fluid flow is parallel to the tubes, as in a shell-and-tube
heat exchanger without transverse baffles, the equivalent diameter d. of the shell
side space is calculated as mentioned above, and h at the outside surface of tubes
can be estimated by Equation 5.8 with use of d..

542
Forced Flow of Fluids Across a Tube Bank

In the case where a fluid flows across a bank of tubes, the film coefficient of heat
transfer at the tube outside surface can be estimated using the following equation [1]:

(hdo /1) = 0.3(doGom /1) (cppt/10)"/? (5.12)
that is,

(Nu) = 0.3(Re)**(Pr)"/? (5.12a)
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where d, is the outer diameter of tubes (m), and Gy, is the fluid mass velocity
(kgh~"m™?) in the transverse direction, based on the minimum free area available
for fluid flow; the other symbols are the same as in Equation 5.8.

In the case where fluid flows in the shell side space of a shell-and-tube-type heat
exchanger, with transverse baffles, in directions that are transverse, diagonal and
partly parallel to the tubes, very approximate values of the heat transfer coefficients
at the tube outside surfaces can be estimated using Equation 5.12, if G, is cal-
culated as the transverse velocity across the plane, including the shell axis [1].

5.43
Liquids in Jacketed or Coiled Vessels

Many correlations are available for heat transfer between liquids and the walls of
stirred vessels or the surface of coiled tubes installed in the stirred vessels. For
details of the different types of stirrer available, see Section 7.4.1.

Case 1

Data on heat transfer between liquid and the vessel wall and between liquid
and the surface of helical coil in the vessels stirred with flat-blade paddle
stirrers were correlated as [4]:

(hD/x) = a(I*Np /) (epi/)"/? (5.13)

where h is the film coefficient of heat transfer, D is the vessel diameter, « is the
liquid thermal conductivity, L is the impeller diameter, N is the number of
revolutions, p is the liquid density, u is the liquid viscosity, and ¢; is the liquid
specific heat (all in consistent units). The values of a are 0.36 for the liquid—
vessel wall heat transfer, and 0.87 for the liquid—coil surface heat transfer. Any
slight difference between h for heating and cooling can be neglected in practice.

Case 2

Data on heat transfer between a liquid and the wall of vessel of diameter D,
stirred by a vaned-disk turbine, were correlated [5] by Equation 5.13. The
values of a were 0.54 without baffles, and 0.74 with baffles.

Case 3
Data on heat transfer between liquid and the surface of helical coil in the
vessel stirred by flat-blade turbine were correlated [6] by Equation 5.14.

(hdo /1) = 0.17(L’Np/1)* (cope/1c) " (5.14)

where d, is the outside diameter of coil tube, and all other symbols are the
same as in Equation 5.13.
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5.4.4
Condensing Vapors and Boiling Liquids

Heating by condensing vapors, usually by saturated steam, is a very common
practice in chemical and bioprocess plants. Liquid boiling and vapor condensation
also occur in distillation or evaporation equipment.

Correlations are available for the film coefficients of heat transfer for condensing
vapors and boiling liquids, usually as functions of fluid physical properties, tem-
perature difference, and other factors such as the condition of the metal surface.
Although of academic interests, the use of some assumed values of h is usually
sufficient in practice, because for condensing vapors or boiling liquids these are
much larger than those for the film coefficient h-values for fluids without phase
change, in which case the overall coefficient U is controlled by the latter. In ad-
dition, as will be mentioned later, the heat transfer resistance of any dirty deposit
is often larger than that of the condensing vapor and boiling liquid.

To provide some examples, h-values for the film-type condensation of water
vapor (when a film of condensed water would cover the entire cooling surface) will
range from 4000 to 15000kcalh™'m ?°C™", while those for boiling water would
be in the range of 1500 to 30000kcalh ' m™2°C™".

5.5
Estimation of Overall Coefficients U

The values of the film coefficients of heat transfer h, and accordingly those of the
overall coefficient U, vary by orders of magnitudes, depending on the fluid
properties and on whether or not they undergo phase change - that is, con-
densation or boiling. Thus, the correct estimation of U is very important in the
design of heat transfer equipment.

The first consideration when designing or evaluating heat transfer equipment is,
on which side of the heat transfer wall will the controlling heat transfer resistance
exist. For example, when air is heated by condensing saturated steam, the air-side
film coefficient may be 30kcalh ' m™*°C™", while the steam-side film coefficient
might be on the order of 10000 kcal h™'m™2°C~!. In such a case, we need not
consider the steam side resistance. The overall coefficient would be almost equal to
the air-side film coefficient, which can be predicted by correlations such as those in
Equation 5.8 or Equation 5.12. The resistance of the metal wall is negligible in
most cases, except when the values of U are very large.

The values of the film coefficient for liquids without phase change are usually
larger than those for gases, by one or two orders of magnitude. Nonetheless, the
liquid-side heat transfer resistance may be the major resistance in an equipment
heated by saturated steam. Film coefficient for liquids without phase change can
be predicted by correlations such as those in Equations 5.8, 5.12, or 5.13.

In the case of gas—gas or liquid-liquid heat exchangers, the film coefficients for
the fluids on both sides of the metal wall are of the same order of magnitude, and
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Table 5.1 Some typical fouling factors.

Material Fouling factor (kcalh™'m—2°C™")
Condensing steam 15000

Clean water 2500-10000

Dirty water 1000-2500

Oils (vegetable and fuel oils) 1000-1500

can be predicted by correlations, for example with Equation 5.8 or 5.12. Neither of
the fluid film resistances can be neglected. In a gas-liquid heat exchanger, the
controlling resistance is on the gas side, as mentioned above.

In practice, we must consider the heat transfer resistance of the dirt or scale
which has been deposited on the metal surface, except when the values of U are
small, as in the case of a gas heater or cooler. Usually, we use the so-called fouling
factor hg which is the reciprocal of the dirt resistance and hence has the same
dimension as the film coefficient h. The dirt resistance sometimes becomes con-
trolling, when U without dirt is very large — as in the case of a liquid boiler heated
by saturated steam. Thus, in case the dirt resistance is not negligible, the overall
resistance for heat transfer 1/U is given by the following equation:

1/U = 1/hy + x/x + 1/hg + 1/, (5.15)

The first, second, third, and fourth terms on the right-hand side of Equation 5.15
represent the resistances of the fluid 1, metal wall, dirt deposit, and film 2, re-
spectively. Occasionally, we must also consider the resistances of the dirt on both
sides of the metal wall. Some typical values of the fouling factor ks are listed in
Table 5.1.

Example 5.4

Milk, flowing at 20001h ' through the stainless steel inner tube (40mm i.d.,
2mm thick) of a double tube-type heater, is to be heated from 10 to 85 °C by
saturated steam condensing at 120 °C on the outer surface of the inner tube.
Calculate the total length of the heating tube required.

Solution

The thermal conductivity of stainless steel is 20kcalh™'m™2°C™". The mean
values of the properties of milk for the temperature range are as follows:

Specific heat, ¢, =0.946 kcalkg ' °C™"
Density, p =1030kg m3
Thermal conductivity, x = 0.457 kcal h lm'°C1=0.0127cals tem—tec?!

Viscosity, u=1.12x 10 *kgm 's ' =0.0112gecm ™ 's™"
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Velocity of milk through the tube u = 2000 x 1000/[(r/4) 4 x 3600] =
44.2cms” . Then (Re)=du p/u=16260; (Pr) = cpu/x =8.34.

Substitution of these values of (Re) and (Pr) into Equation 5.8 gives the milk-
side film coefficient of heat transfer, h,, = 1245kcalh 'm=2°C .

Assumed steam-side coefficient hs=10000kcalh'm~2°C~!

Assumed milk-side fouling factor he=3000kcalh 'm *°C!

Resistance of the tube wall r, = 0.002/20 = 0.0001 h m? °Ckcal "

Overall heat transfer resistance 1/U=1/hs+ r+1/hy +1/he=
0.00133hm”°Ckcal '

Overall heat transfer coefficient U=750kcalh 'm *°C™*

Temperature differences: (At); =120—10=110°C; (At), =120-85=35°C

By Equation 5.7 (At)y, = (110—35)/In (110/35) = 65.6 °C

Thus, heat to be transferred Q =2000 x 1030 x 0.946 (85—10) =

146200kcalh ™

In calculating the required heat transfer surface area A of a tube, it is rational
to take the area of the surface where h is smaller; that is, where the heat
transfer resistance is larger and controlling — which is the milk-side inner
surface area in this case. Thus,

A= Q/[U(At),, ] = 146 200/(750 x 65.6) = 2.97 m

Hence, total length of heating tube required =2.97/(0.040 ©) =23.6 m

» Problems

5.1 Water enters a countercurrent shell-and-tube-type heat exchanger at 10m>h ™!
on the shell side, so as to increase the water temperature from 20 to 40 °C. The hot
water enters at a temperature of 80 °C and a rate of 8.0m>h™'. The overall heat
transfer coefficient is 900 Wm 2K '. You may use the specific heat cp=4.2k]
kg 'K ' and density p =992kgm > of water.

Determine: (i) the exit temperature of the shell side water; and (ii) the required
heat transfer area.

5.2 Air at 260K and 1atm is flowing through a 10 mm i.d. tube at a velocity of
10 ms~'. The temperature is to be increased to 300 K. Estimate the film coefficient
of heat transfer. The properties of air at 280K are: p =1.26kgm >, ¢, =1.006 k]
kg 'K, k=0.0247Wm 'K ', u=1.75 x 10 ° Pas.

5.3 Estimate the overall heat transfer coefficient U, based on the inside tube
surface area, of a shell-and-tube-type vapor condenser, in which cooling water at
25 °C flows through stainless steel tubes, 25 mm i.d. and 30 mm o.d., at a velocity
of 1.2ms . It can be assumed that the film coefficient of condensing vapor at the
outside tube surface is 2000kcalh™'m~2°C™", and that the fouling factor of the
water side is 5000kcalh ™ 'm2°C~".
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5.4 A double-tube-type heat exchanger consisting of an inner copper tube of
50 mm o.d. and 46 mm i.d., and a steel outer tube of 80 mm i.d., is used to cool
methanol from 60 to 30 °C by water entering at 20 °C and leaving at 25 °C. Me-
thanol flows through the inner tube at a flow rate of 0.25ms™", and water flows
countercurrently through the annular space. Estimate the total length of double
tube that would be required. The properties of methanol at 45°C are: p =780
kg m3, cp=0.62 kcal kzcjf1 °C™! k=0.18kcalh t'm~t°C ! 1=0.42 cp.

5.5 Estimate the heat transfer coefficient between an oil and the wall of a baffled
kettle, 100 cm in diameter, stirred by a flat-blade turbine, 30 cm in diameter, when
the impeller rotational speed N is 100r.p.m. The properties of the oil are:
p=900kgm >, ¢, =0.468kcalkg ' °C™", k=0.109kcalh 'm™" °C™", p=90cp.

References

1 McAdams, W.H. (1954) Heat 4 Chilton, T.H., Drew, T.B., and Jebens,
Transmission, 3rd edn, McGraw-Hill. R.H. (1944) Ind. Eng. Chem., 36, 510.

2 Colburn, A.P. (1933) Trans. AIChE, 29, 5 Brooks, G. and Jen, G.-J. (1959) Chem.
174. Eng. Prog., 55 (10), 54.

3 Drew, T.B., Hottel, H.C., and McAdams, 6 Oldshue, J.Y. and Gretton, A.T. (1954)
W.H. (1936) Trans. AIChE, 32, 271. Chem. Eng. Prog., 50 (12), 615.

Further Reading

1 Kern, D.Q. (1950) Process Heat Transfer,
McGraw-Hill.

2 Perry, R.H., Green, D.W., and Malony,
J.O. (eds) 1984, 1997) Chemical Engineers’
Handbook, 6th and 7th edns, McGraw-
Hill.



This page intentionally left blank



6
Mass Transfer

6.1
Introduction

Rates of gas-liquid, liquid-liquid, and solid-liquid mass transfer are important,
and often control the overall rates in bioprocesses. For example, the rates of oxygen
absorption into fermentation broths often control the overall rates of aerobic fer-
mentation. The extraction of some products from a fermentation broth, using an
immiscible solvent, represents a case of liquid-liquid mass transfer. Solid-liquid
mass transfer is important in some bioreactors using immobilized enzymes.

In various membrane processes (these will be discussed in Chapter 8), the rates
of mass transfer between the liquid phase and the membrane surface often control
the overall rates.

6.2
Overall Coefficients k and Film Coefficients k of Mass Transfer

In the case of mass transfer between two phases — for example, the absorption of a
gas component into a liquid solvent, or the extraction of a liquid component by an
immiscible solvent — we need to consider the overall as well as the individual phase
coefficients of mass transfer.

As stated in Section 2.6, two types of gas film mass transfer coefficients — kg,
based on the partial pressure driving potential, and kg, based on the concentration
driving potential — can be defined. However, hereafter in this text only the latter
type is used; in other words:

ke = kg (6.1)
Thus,

Ja = ke (Ce — Cai) (6.2)
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where ], is mass transfer flux (kg or kmolh ' m™?), Cg and Cg; are gas-phase
concentrations (kg or kmol m ) in the bulk of the gas phase and at the interface,
respectively.

The liquid-phase mass transfer coefficient k; (mh™") is defined by

Ja =k(Cy — CL) (6.3)

where Cp; and Cy are liquid phase concentrations (kg or kmol m™3) at the interface
and the bulk of liquid phase, respectively.

The relationships between the overall mass transfer coefficient and the film
mass transfer coefficients in both phases are not as simple as the case of heat
transfer, for the following reason. Unlike the temperature distribution curves in
heat transfer between two phases, the concentration curves of the diffusing
component in the two phases are discontinuous at the interface. The relationship
between the interfacial concentrations in the two phases depends on the solubility
of the diffusing component. Incidentally, it is known that there exists no resistance
to mass transfer at the interface, except when a surface-active substance accu-
mulates at the interface to give additional mass transfer resistance.

Figure 6.1 shows the gradients of the gas and liquid concentrations when a
component in the gas phase is absorbed into a liquid which is in direct contact
with the gas phase. As an equilibrium is known to exist at the gas-liquid interface,
the gas-phase concentration at the interface Cg; and the liquid-phase concentra-
tion at the interface Cy; should be on the solubility curve which passes through the
origin. In a simple case where the solubility curve is straight,

CGi = WLCLi (64)

where m is the slope (-) of the curve when Cg; is plotted on the ordinate against Cy;
on the abscissa.
In general, gas solubilities in liquids are given by the Henry’s law, that is:

p= HmCy (65)
or
p = Hyx (6.6)

where p is the partial pressure in the gas phase, C; is the molar concentration in
liquid, and x; is the mole fraction in liquid. The mutual conversion of m, H,,, and
H, is not difficult, using the relationships such as given in Example 2.4 in Chapter
2; for example,

Cc = p(RT)™" = p(0.0821T) ' =12.18pK* (6.7)

The solubilities of gases can be defined as the reciprocals of m, H,,, or H,.
Moreover, the larger these values, the smaller the solubilities.

Table 6.1 provides approximate values of the solubilities (mole fraction atm ™",
i.e., x./p=1/H,) of some common gases in water, variations of which are negli-
gible up to pressures of several bars. Note that the solubilities decrease with
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Figure 6.1 Concentration gradients near the gas—liquid interface in absorption.

increasing temperature. It is worth remembering that values of solubility in water
are high for NH;; moderate for Cl,, CO,; and low for O, and Nj,.

Now, we shall define the overall coefficients. Even in the case when the con-
centrations at the interface are unknown (cf. Figure 6.1), we can define the overall
driving potentials. Consider the case of gas absorption: the overall coefficient of gas—
liquid mass transfer based on the liquid phase concentrations K; (mh ") is defined by

Ja=Ki(CL" = C1) (6.8)

where C.* is the imaginary liquid concentration which would be in equilibrium
with the gas concentration in the bulk of gas phase Cg, as shown by a broken line
in Figure 6.1.

Similarly, the overall coefficient of gas-liquid mass transfer based on the gas
concentrations K¢ (mh ') can be defined by:

Ja = Ks(Ce — Cg") (6.9)

Table 6.1 Solubilities of common gases in water (mole fraction atm.™).
Reproduced from Figure 6-7 in [1].

Temperature (°C) NH; SO, Cl, CO, 0O, N,

10 0.42 0.043 0.0024 9.0x107* 29%x107° 1.5%x107°
20 0.37 0.031 0.0017 6.5x 107" 23%x107° 1.3x107°
30 0.33 0.023 0.0014 53%x107* 20x107° 1.2x107°

40 0.29 0.017 0.0012 42x107* 1.8%x107° 1.1x107°
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where Cg* is the imaginary gas concentration which would be in equilibrium with
the liquid concentration Cy in the bulk of liquid (cf. Figure 6.1).
Relationships between Ki, Kg, ki, and kg can be obtained easily.

As can be seen from Figure 6.1,

(Cc — Cc™) = (Ce — Cei) + (Cei — C&™)

(6.10)
= (Cg — Cgi) +m(Cpi — C1)

Combination of Equations 6.2 to 6.4, 6.9, and 6.10 gives

1/Ke = 1/kc +m/ky (6.11)
Similarly, we can obtain

1/KL = 1/(mkg) + 1/ke (6.12)
Comparison of Equations 6.11 and 6.12 gives

KL = mKg (6.13)

Equations 6.11 and 6.12 lead to a very important concept. When the solubility of
a gas into a liquid is very poor (i.e., m is very large), the second term of Equation
6.12 is negligibly small compared to the third term. In such a case, where the
liquid-phase resistance is controlling,

K=k (6.14)

It is for this reason that the gas-phase resistance can be neglected for oxygen
transfer in aerobic fermentors.

On the other hand, in the case where a gas is highly soluble in a liquid (e.g.,
when HCI gas or NHj is absorbed into water), m will be very small and the third
term of Equation 6.11 will be negligible compared to the second term. In such a
case,

Kg = kg (6.15)

The usual practice in gas absorption calculations is to use the overall coefficient
K¢ in cases where the gas is highly soluble, and the overall coefficient K; in cases
where the solubility of the gas is low. Kg and K are interconvertible by using
Equation 6.13.

The overall coefficients of liquid-liquid mass transfer are important in the
calculations for extraction equipment, and can be defined in the same way as the
overall coefficients of gas-liquid mass transfer. In liquid-liquid mass transfer, one
component dissolved in one liquid phase (phase 1) will diffuse into another liquid
phase (phase 2). We can define the film coefficients k;; (mh ') and k;, (mh ") for
phases 1 and 2, respectively, and whichever of the overall coefficients Ki; (mh™?),
defined with respect to phase 1, or Ki, (mh ') based on phase 2, is convenient can
be used. Relationships between the two film coefficients and the two overall
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coefficients are analogous to those for gas-liquid mass transfer; that is:

1/Ku = 1/ku +m/kiy (6.16)

1/KL2:1/(WLI€L1)+1/I€L2 (617)
where m is the ratio of the concentrations in phase 1 and phase 2 at equilibrium,
viz. the partition coefficient or its reciprocal.

Example 6.1

A gas component A in air is absorbed into water at 1atm and 20°C. The
Henry’s law constant H,, of A for this system is 1.67 x 10’ Pam?®kmol '. The
liquid film mass-transfer coefficient k; and gas-film coefficient kg are
25010 °ms™" and 3.00x 10 >ms™ ", respectively. (i) Determine the
overall coefficient of gas-liquid mass transfer K; (ms™'). (ii) When the bulk
concentrations of A in the gas phase and liquid phase are 1.013 x 10* Pa and
2.00 kmol m 3, respectively, calculate the molar flux of A.

Solution

(a) The Henry’s constant H,, in Equation 6.5 is converted to the partition
constant m in Equation 6.4.

m = (Hp)/RT = 1.67 x 10%/(0.0821 x 1.0132 x 10° x 293)
= 6.85x 107*

=1/(6.85 x 107* x 3.00 x 107*) +1/(2.50 x 107°)

K. =113 x 10 °ms™!

(b) Ci* =1.013 x 10*/Hy, = 1.013 x 10*/(1.67 x 10*) = 6.06
Ja = K (CL* — Cp) = 4.59 x 10 ®kmols ' m~3

=1.65 x 10" 2kmolh™'m3

6.3
Types of Mass Transfer Equipment

Numerous types of equipment are available for gas-liquid, liquid-liquid, and
solid-liquid mass transfer operations. However, at this point only few re-
presentative types will be described, on a conceptual basis. Some schematic il-
lustrations of three types of mass transfer equipment are shown in Figure 6.2.
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Figure 6.2 Types of mass transfer equipment.
(a) Packed column; (b) packings; (c) bubble column; (d) packed bed.

6.3.1
Packed Column

The packed column (packed tower) shown in Figure 6.2a is widely used for the
absorption of gas into liquid (or its reverse operation), the desorption of dissolved
gas from a liquid, and occasionally for distillation. Packed columns are very
common equipment in chemical process plants, and are often as large as a few
meters in diameter and 20-30m high. The vessel is a vertical cylinder, the main
part of which is filled with the so-called packings; these are small, regularly shaped
pieces of corrosion-resistant materials (e.g., porcelain, carbon, metals, plastics)
such that there is a large void space and a large surface area per unit packed vo-
lume. Figure 6.2b shows two common types of packing. The gas containing a
component to be absorbed is passed through the packed column, usually in an
upward direction. Liquid is supplied to the top of the column, and trickles down
the surface of the packing; in this way, the liquid comes into direct contact with the
gas, which flows through the void of the packing. A classical example of using
packed columns can be seen in the production plant of liquefied or solid carbon
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dioxide. Gas containing CO, — for example, flue gas from a coke-burning furnace,
gas obtained on burning lime stone, or gas from a fermentation plant — is passed
through a packed column, and the CO, in the gas is absorbed in a solution of
sodium (or potassium) carbonate or bicarbonate. Pure CO, can be obtained by
boiling the solution emerging from the bottom of the packed column. This is a
case of chemical absorption; that is, gas absorption accompanied by chemical
reactions. The rates of gas absorption with a chemical reaction are greater than
those without reaction, as will be discussed in Section 6.5.

6.3.2
Plate Column

Plate columns (not shown in the figure), which can be used for the same pur-
poses as packed columns, have many horizontal plates that are either perforated
or equipped with so-called “bubble caps.” The liquid supplied to the top of
the column flows down the column, in horizontal fashion, over each successive
plate. The upwards-moving gas or vapor bubbles pass through the liquid on
each plate, such that a gas-liquid mass transfer takes place at the surface of the
bubbles.

6.3.3
Spray Column

The spray column or chamber (not shown in the figure) is a large, empty cy-
lindrical column or horizontal duct through which gas is passed. Liquid is
sprayed into the gas from the top, or sometimes from the side. The large
number of liquid drops produced provide a very large gas—liquid contact surface.
Owing to the high relative velocity between the liquid and the gas, the gas phase
mass transfer coefficient is high, whereas the liquid phase coefficient is low
because of the minimal liquid movements within the drops. Consequently, spray
columns are suitable for systems in which the liquid-phase mass transfer re-
sistance is negligible (e.g., the absorption of ammonia gas into water), or its
reverse operation — that is, desorption — or when the resistance exists only in the
gas phase; an example is the vaporization of a pure liquid or the humidification
of air. This type of device is also used for the cooling of gases. Unfortunately, the
spray column or chamber has certain disadvantages, primarily that a device is
required to remove any liquid droplets carried over by the outgoing gas. Con-
sequently, real gas-liquid countercurrent operation is difficult. Although the fall
in gas pressure drop is minimal, the power requirements for liquid spraying are
relatively high.
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6.3.4
Bubble Column

The bubble column is shown in Figure 6.2c. In this type of equipment, gas is
sparged from the bottom into a liquid contained in a large cylindrical vessel. A
large number of gas bubbles provide a very large surface area for gas-liquid
contact. Turbulence in the liquid phase creates a large liquid-phase mass transfer
coefficient, while the gas-phase coefficient is relatively small because of the very
little gas movement within the bubbles. Thus, the bubble column is suitable for
systems of low gas solubility where the liquid-phase mass transfer resistance is
controlling, such as the oxygen-water system. In fact, bubble columns are widely
used as aerobic fermentors, in which the main resistance for oxygen transfer exists
in the liquid phase. A detailed discussion of bubble columns is provided in
Chapter 7.

6.3.5
Packed (Fixed-)-Bed Column

Another type of mass transfer equipment, shown in Figure 6.2d, is normally re-
ferred to as the packed (fixed-)-bed. Unlike the packed column for gas-liquid mass
transfer, the packed-bed column is used for mass transfer between the surface of
packed solid particles (e.g., catalyst particles or immobilized enzyme particles) and
a single-phase liquid or gas. This type of equipment, which is widely used as re-
actors, adsorption columns, chromatography columns, and so on, is discussed in
greater detail in Chapters 7 and 11.

6.3.6
Other Separation Methods

Membrane separation processes will be discussed in Chapter 8. Liquid-phase mass
transfer rates at the surface of membranes — either flat or tubular — can be pre-
dicted by the correlations given in this chapter.

A variety of gas-liquid contacting equipment with mechanical moving elements
(e.g., stirred (agitated) tanks with gas sparging) are discussed in Chapters 7 and 12,
including rotating-disk gas-liquid contactors and others.

6.4
Models for Mass Transfer at the Interface

6.4.1
Stagnant Film Model

The film model referred to in Chapters 2 and 5 provides, in fact, an oversimplified
picture of what happens in the vicinity of the interface. Based on the film model
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proposed by Nernst in 1904, Whitman [2] proposed in 1923 the two-film theory of
gas absorption. Although this is a very useful concept, it is impossible to predict
the individual (film) coefficient of mass transfer, unless the thickness of the la-
minar sublayer is known. According to this theory, the mass transfer rate should
be proportional to the diffusivity, and inversely proportional to the thickness of the
laminar film. However, as we usually do not know the thickness of the laminar
film, the convenient concept of the effective film thickness has been assumed (as
mentioned in Chapter 2). Despite this, experimental values of the film coefficient
of mass transfer based on the difference between the concentrations at the in-
terface and of the fluid bulk, do not vary in proportion to diffusivity, as is required
by the film theory.

6.4.2
Penetration Model

The existence of a stagnant laminar fluid film adjacent to the interface is not
difficult to visualize, especially in the case where the interface is stationary, as
when the fluid flows along a solid surface. However, this situation seems rather
unrealistic with the fluid-fluid interface, as when the surface of the liquid in an
agitated vessel is in contact with a gas phase above, or if gas bubbles move upwards
through a liquid, or when one liquid phase is in contact with another liquid phase
in an extractor.

In the penetration model proposed by Higbie [3] in 1935, it is assumed that a
small fluid element of uniform solute concentration is brought into contact with
the interface for a certain fixed length of time t. During this time the solute dif-
fuses into the fluid element as a transient process, in the same manner as tran-
sient heat conduction into a solid block. Such a transient diffusion process of fixed
contact time is not difficult to visualize in the situation where a liquid trickles
down over the surface of a piece of packing in a packed column. Neglecting
convection, Higbie derived (on a theoretical basis) Equation 6.18 for the liquid-
phase mass transfer coefficient k; averaged over the contact time .

ky = 2(D/mt)"/? (6.18)

If this model is correct, k; should vary with the diffusivity D to the 0.5 power, but
this does not agree with experimental data in general. Also, t is unknown except in
the case of some specially designed equipment.

6.4.3
Surface Renewal Model

In 1951, Danckwerts proposed the surface renewal model as an extension of the
penetration model [4]. Instead of assuming a fixed contact time for all fluid ele-
ments, Danckwerts assumed a wide distribution of contact time, from zero to
infinity, and supposed that the chance of an element of the surface being replaced
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with fresh liquid was independent of the length of time for which it has been
exposed. Thus, it was shown, theoretically, that the averaged mass transfer coef-
ficient k; at the interface is given as

ky = (Ds)'? (6.19)

where s is the fraction of the area of surface which is replaced with fresh liquid in
unit time.

Compared to the film model or the penetration model, the surface renewal
approach seems closer to reality in such a case where the surface of liquid in an
agitated tank is in contact with the gas phase above, or with the surface of a liquid
flowing through an open channel. The values of s are usually unknown, although
they could be estimated from the data acquired from carefully planned experi-
ments. As with the penetration model, k; values should vary with diffusivity D%

It can be seen that a theoretical prediction of k; values is not possible by any of
the three above-described models, because none of the three parameters — the
laminar film thickness in the film model, the contact time in the penetration
model, and the fractional surface renewal rate in the surface renewal model — is
predictable in general. It is for this reason that empirical correlations must nor-
mally be used for the prediction of individual coefficients of mass transfer. Ex-
perimentally obtained values of the exponent on diffusivity are usually between 0.5
and 1.0.

6.5
Liquid-Phase Mass Transfer with Chemical Reactions

So far, we have considered pure physical mass transfer without any reaction.
Occasionally, however, gas absorption is accompanied by chemical or biological
reactions in the liquid phase. For example, when CO, gas is absorbed into an
aqueous solution of Na,COj3, the following reaction takes place in the liquid phase:

Na,CO3; + CO,; + H,O = 2NaHCO;

In an aerobic fermentation, the oxygen absorbed into the culture medium is
consumed by microorganisms in the medium.

In general, the rates of the mass transfer increase when it is accompanied by
reactions. For example, if ki * indicates the liquid-phase coefficient, including the
effects of the reaction, then the ratio E can be defined as:

E=k'/k (6.20)

and is referred to as the “enhancement” (reaction) factor. Values of E are always
greater than unity.

Hatta [5] derived a series of theoretical equations for E, based on the film model.
Experimental values of E agree with the Hatta theory, and also with theoretical
values of E derived later by other investigators, based on the penetration model.
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Figure 6.3 Gas absorption with a chemical reaction.

Figure 6.3a shows the idealized sketch of concentration profiles near the in-
terface by the Hatta model, for the case of gas absorption with a very rapid second-
order reaction. The gas component A, when absorbed at the interface, diffuses to
the reaction zone where it reacts with B, which is derived from the bulk of the
liquid by diffusion. The reaction is so rapid that it is completed within a very thin
reaction zone; this can be regarded as a plane parallel to the interface. The reaction
product diffuses to the liquid main body. The absorption of CO, into a strong
aqueous KOH solution is close to such a case. Equation 6.21 provides the en-
hancement factor E for such a case, as derived by the Hatta theory:

E =1+ (Dp Cp)/(Da Cai) (6.21)

where Dg and D, are liquid-phase diffusivities (L> T ") of B and A, respectively, Cg
is the concentration of B in the bulk of liquid, and C,; is the liquid-phase
concentration of A at the interface.

Figure 6.3b shows the idealized concentration profile of an absorbed component
A, obtained by the Hatta theory, for the case of relatively slow reaction which is
either first-order or pseudo first-order with respect to A. As A is consumed gra-
dually whilst diffusing across the film, the gradient of concentration of A which is
required for its diffusion will gradually decrease with increasing distance from the
interface. The enhancement factor for such cases is given by the Hatta theory as:

E = 7/(tanhy) (6.22)
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where
y = (kCp Da)"*/ky (6.23)

When Cg (i.e., the concentration of B which reacts with A) is much larger than
Ca, Cp can be considered approximately constant, and (kCg) can be regarded as the
pseudo first-order reaction rate constant (T '). The dimensionless group 7, as
defined by Equation 6.23, is often designated as the Hatta number (Ha). According
to Equation 6.22, if y>5, it becomes practically equal to E, which is sometimes also
called the Hatta number. For this range,

ki* = Eky = (kCg Dp)"? (6.24)

Equation 6.24 indicates that the mass transfer rates are independent of k; and of
the hydrodynamic conditions; hence, the whole interfacial area is uniformly ef-
fective when y>5. [6]

As will be discussed in Chapter 12, any increase in the enhancement factor E
due to the respiration of microorganisms can, in practical terms, be neglected as it
is very close to unity.

6.6
Correlations for Film Coefficients of Mass Transfer

As noted in Chapter 2, close analogies exist between the film coefficients of heat
transfer and those of mass transfer. Indeed, the same type of dimensionless
equations can often be used to correlate the film coefficients of heat and mass
transfer.

6.6.1
Single-Phase Mass Transfer Inside or Outside Tubes

Film coefficients of mass transfer inside or outside tubes are important in
membrane processes using tube-type or so-called “hollow fiber” membranes. In
the case where flow inside the tubes is turbulent, the dimensionless Equations
6.25 and 6.25a (analogous to Equations 5.8 and 5.8a for heat transfer) provide the
film coefficients of mass transfer k. [7].

(ked; /D) = 0.023(divp/w)*®(u/pD)"/? (6.25)
that is,
(Sh) = 0.023(Re)*®(Sc)/? (6.25a)

where d; is the inner diameter of tube, D is the diffusivity, v is the average linear
velocity of fluid, p is the fluid density, and u the fluid viscosity, all in consistent
units. (Sh), (Re), and (Sc) are the dimensionless Sherwood, Reynolds, and Schmidt
numbers, respectively.
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In case the flow is laminar, Equation 6.26 (analogous to Equation 5.9 for heat
transfer) can be used:

(ke di/ D) = 1.62(dwp /)" (u/pD)" (d /1) (6.26)
or
(Sh) = 1.62(Re)3(Sc)"?(d;/1)"/?

where L is the tube length (this is important in laminar flow, due to the end effects
at the tube entrance). Equation 6.26 can be transformed into:

(Sh) = (ked;/D) = 1.75(F/D L)' = 1.75(Nx)"/? (6.26a)

where F is the volumetric flow rate (L*T ') of a fluid through a tube. The
dimensionless group (Nx)=(F/DL) affects the rate of mass transfer between a
fluid in laminar flow and the tube wall. By analogy between heat and mass
transfer, the relationships between (Nx) and (Sh) should be the same as those
between (Gz) and (Nu) (see Section 5.4.1). Equation 6.26a can be used for (Nx)
greater than 40, whereas for (Nx) below 10, (Sh) approaches an asymptotic value
of 3.66. Values of (Sh) for the intermediate range of (Nx) can be obtained by
interpolation on log-log coordinates.

In the case that the cross-section of the channel is not circular, the equivalent
diameter d. defined by Equations 5.10 and 5.11 should be used in place of d;. As
with heat transfer, taking the wetted perimeter for mass transfer rather than the
total wetted perimeter, provides a larger value of the equivalent diameter and
hence a lower value of the mass transfer coefficient. The equivalent diameter of the
channel between two parallel plates or membranes is twice the distance between
the plates or membranes, as noted in relation to Equation 5.11.

In the case where the fluid flow outside the tubes is parallel to the tubes and
laminar (as occurs in some membrane devices), the film coefficient of mass
transfer on the outer tube surface can be estimated using Equation 6.26 and the
equivalent diameter as calculated with Equation 5.10.

In the case where fluid flow outside the tubes is normal or oblique to a tube
bundle, approximate values of the film coefficient of mass transfer k. can be es-
timated by using Equation 6.27 [7], which is analogous to Equation 5.12:

(kedo/D) = 0.3(do Gen/p0)"* (1/p D) (6.27)
or
(Sh) = 0.3(Re)*®(S¢)"/? (6.27a)

where d, is the outside diameter of tubes, G, is the mass velocity of fluid in the
direction perpendicular to tubes, p is the fluid density, u the fluid viscosity, and D
the diffusivity, all in consistent units. Equation 6.27 should hold for the range of
(Re) defined as above, between 2000 and 30 000.
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6.6.2
Single-Phase Mass Transfer in Packed Beds

Coefficients of single-phase mass transfer are important in a variety of processes
using fixed beds. Examples include reactions using particles of catalysts or im-
mobilized enzymes, adsorption, chromatography, and also membrane processes.
Many reports have been made on the single-phase mass transfer between the
surface of packings or particles and a fluid flowing through the packed bed. In
order to obtain gas-phase mass transfer data, most investigators have measured
the rates of sublimation of solids or evaporation of liquids from porous packings.
Liquid-phase mass transfer coefficients can be obtained, for example, by mea-
suring rates of partial dissolution of solid particles into a liquid.

Equation 6.28 [8] can correlate well the data of many investigators for gas or
liquid film mass transfer in packed beds for the ranges of (Re) from 10 to 2500,
and of (Sc) from 1 to 10 000.

Jo = (St)p(Sc)*”* = (ke/Ug)(u/pD)*"?

(6.28)
=1.17(Re) **"® = 1.17(d, Ugp/p) **"

where Jp is the so-called J-factor for mass transfer, as explained below, (St)p is the
Stanton number for mass transfer, (Sc) the Schmidt number, k. the mass transfer
coefficient, u the fluid viscosity, p the fluid density, D the diffusivity, and d;, the
particle diameter or diameter of a sphere having an equal surface area or volume
as the particle. Ug is not the velocity through the void space, but the superficial
velocity (LT") averaged over the entire cross-section of the bed.

6.6.3
J-Factor

The J-factors were first used by Colburn [7] for successful empirical correlations of
heat and mass transfer data. The [-factor for heat transfer, Ji;, was defined as:

Ju = (SYu(Pr)*” = (h/cpup) (cpn /1) (6.29)

where (St)y is the Stanton number for heat transfer, (Pr) is the Prandtl number, h
is the film coefficient of heat transfer, c, is the specific heat, v the superficial fluid
velocity, i the fluid viscosity, p the fluid density, and « the thermal conductivity of
fluid, all in consistent units.

Data acquired by many investigators have shown a close analogy between the
rates of heat and mass transfer, not only in the case of packed beds but also in
other cases, such as flow through and outside tubes, and flow along flat plates.
In such cases, plots of the J-factors for heat and mass transfer against the
Reynolds number produce almost identical curves. Consider, for example, the case
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of turbulent flow through tubes. Since

(ke di/D) = (ke/v)(u/pD)(divp/u) (6.30)

The combination of Equation 6.25 and Equation 6.30 gives

Jo = (ke/v)(1/pD)** = 0.023(dvp/u)~*? (6.31)

Similar relationships are apparent for heat transfer for the case of turbulent flow
through tubes. Since

(hd/Kc) = (h/cpvp)(cpu/re)(dvp/ ) (6.32)

The combination of Equation 5.8 and Equation 6.32 gives

Ju = (h/cyvp)(cpp/x)** = 0.023(divp/p) "2 (6.33)

A comparison of Equations 6.31 and 6.33 shows that the J-factors for mass and
heat transfer are exactly equal in this case. Thus, it is possible to estimate heat
transfer coefficients from mass transfer coefficients, and vice versa.

6.7
Performance of Packed Columns

So far, we have considered only mass transfer within a single phase — that is, mass
transfer between fluids and solid surfaces. For gas absorption and desorption, in
which mass transfer takes place between a gas and a liquid, packed columns are
extensively used, while bubble columns and sparged stirred vessels are used
mainly for gas-liquid reactions or aerobic fermentation. As the latter types of
equipment will be discussed fully in Chapter 7, we shall at this point describe only
the performance of packed columns.

6.7.1
Limiting Gas and Liquid Velocities

The first criterion when designing a packed column is to determine the column
diameter which affects the mass transfer rates, and accordingly the column height.
It is important to remember that maximum allowable gas and liquid flow rates
exist, and that the higher the liquid rates the lower will be the allowable gas ve-
locities. The gas pressure drop in a packed column increases not only with gas flow
rates but also with liquid flow rates. Flooding is a phenomenon which occurs
when a liquid begins to accumulate in the packing as a continuous phase; this may
occur when the gas rate exceeds a limit at a given liquid rate, or when the liquid
rate exceeds a limit at a given gas rate. Generalized correlations for flooding limits
as functions of the liquid and gas rates, and of the gas and liquid properties,
are available in many textbooks and reference books (e.g., [9]). In practice, it is
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recommended that an optimum operating gas velocity of approximately 50% of
the flooding gas velocity is used for a given liquid rate.

6.7.2
Definitions of Volumetric Coefficients and HTUs

The mass transfer coefficients considered so far — namely kg, ki, Kg, and K; — are
defined with respect to known interfacial areas. However, the interfacial areas in
equipment such as the packed column and bubble column are indefinite, and vary
with operating conditions such as fluid velocities. It is for this reason that the
volumetric coefficients defined with respect to the unit volume of the equipment
are used or, more strictly, the unit packed volume in the packed column or the unit
volume of liquid containing bubbles in the bubble column. Corresponding to kg,
ki, Kg, and K;, we define kga, kia, Kga, and Kpa, all of which have units of
(kmolh™'m™?)/(kmol m>) — that is, (h'). Although the volumetric coefficients
are often regarded as single coefficients, it is more reasonable to consider a se-
parately from the k-terms, because the effective interfacial area per unit packed
volume or unit volume of liquid-gas mixture a (m?m? varies not only with
operating conditions such as fluid velocities, but also with the types of operation,
such as physical absorption, chemical absorption, and vaporization.
Corresponding to Equations 6.11 to 6.13, we have the following relationships:

1/(Kga) = 1/(kga) + m/(kLa) (6.34)
1/(Kra) = 1/(mkca) + 1(kLa) (6.35)
Kia =mKga (6.36)

where m is defined by Equation 6.4.

Now, we consider gas-liquid mass transfer rates in gas absorption and its re-
verse operation — that is, gas desorption in packed columns. The gas entering the
column from the bottom, and the liquid entering from the top, exchange solute
while contacting each other. In case of absorption, the amount of solute trans-
ferred from the gas to the liquid per unit sectional area of the column is

U (Cgp — Cgr) = UL(Cig — Cir) (6.37)

where Ug and Uy are the volumetric flow rates of gas and liquid, respectively,
divided by the cross-sectional area of the column (m hfl), that is, superficial
velocities. The C-terms are solute concentrations (kg or kmol m ), with subscripts
G for gas and L for liquid, B for the column bottom, T for the column top.
Although Uy and Ug will vary slightly as the absorption progresses, in practice
they can be regarded as approximately constant. (Note: they can be made constant,
if the concentrations are defined per unit volume of inert carrier gas and solvent.)
In Figure 6.4, Equation 6.37 is represented by the straight line T-B, which is the
operating line for absorption. The equilibrium curve 0-E and the operating line
T'-B’ for desorption are also shown in Figure 6.4.
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Figure 6.4 Operating lines for absorption and desorption.

In the case where the equilibrium curve is straight, the logarithmic mean
driving potential (which is similar to the log-mean temperature difference used in
heat transfer calculations) can be used to calculate the mass transfer rates in the
column. The mass transfer rate r (kg or kmol h™ ') in a column of height Z per unit
cross-sectional area of the column is given by:

r=2 KGa(ACG)lm = ZKLa(ACL)lm (638)

in which (ACg)im and (ACyp)yy, are the logarithmic means of the driving potentials
at the top and at the bottom, viz.

(ACq )i = [(ACc)r — (ACq)]/In[(ACc)r/(ACc )] (6.39)

(ACL)y = [(ACL)y — (ACL)g]/In[(ACL)r/(ACL)g] (6.40)

Thus, the required packed height Z can be calculated using Equation 6.38 with
given values of r and the volumetric coefficient Kg a or K a.

In the general case where the equilibrium line is curved, the mass transfer rate
for gas absorption per differential packed height dZ and unit cross-sectional area
of the column is given as:

UGdCG = KG{J(CG — CG*)dZ (641)

= ULdCL = KLII(CL* — CL)dZ (6.42)

where Cg* is the gas concentration in equilibrium with the liquid concentration
CL, and C* is the liquid concentration in equilibrium with the gas concentration
Ce.
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Integration of Equations 6.41 and 6.42 gives

C

GB
=& [ = _ Gy 6.43
Kea / Co—C: Kga °° (6:43)
Cer
vt odc U
L L~ 7L Ny (6.44)

- KLa CE — CL - KLa
Cir

The integral, that is, Nog in Equation 6.43, is called the NTU (number of
transfer units) based on the overall gas concentration driving potential, while the
integral in Equation 6.44, that is, Nor is the NTU based on the overall liquid
concentration driving potential. In general, the NTUs can be evaluated by gra-
phical integration. In most practical cases, however, where the equilibrium curve
can be regarded as straight, we can use the following relationships:

Nog = (Ceg — Ce1)/(ACG) 1 (6.45)

Nor = (Cig — Cir)/(ACL))p, (6.46)
From Equations 6.43 and 6.44 we obtain

Hog = Ug/Kca = Z/Noc (6.47)
and

HoL = Uy/Kia = Z/Noy (6.48)

where Hog is the HTU (Height per Transfer Units) based on the overall gas
concentration driving potential, and Hoy is the HTU based on the overall liquid
concentration driving potential. The concepts of NTU and HTU were proposed by
Chilton and Colburn [10]. NTUs based on the gas film Ng and the liquid film
driving potentials N;, and corresponding Hg and Hj can also be defined. Thus,

HG = U(;/kc,a (649)

HL = U]__/kLa (650)
From the above relationships:

Hog = Hg + H]_mUG/U]_ (651)
Hpop = (UL/WLUG)HG + Hp (652)

Hog = Hor(mUg/Ur) (6.53)
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Thus, the HTUs and Ka terms are interconvertible, whichever is convenient for
use. Since the NTUs are dimensionless, HTUs have the simple dimension of
length. Variations of HTUs with fluid velocities are smaller than those of the Ka
terms; thus, the values of HTUs are easier to remember than those of the Kas.

6.7.3
Mass Transfer Rates and Effective Interfacial Areas

It is reasonable to separate the interfacial area a from Ka, because K and a are each
affected by different factors. Also, it must be noted that a is different from the
wetted area of packings, except in the case of vaporization of liquid from all-wet
packings. For gas absorption or desorption, the semi-stagnant or slow-moving
parts of the liquid surface are less effective than the fast-moving parts. In addition,
liquids do not necessarily flow as films but more often as rivulets or as wedge-like
streams. Thus, the gas-liquid interfacial areas are not proportional to the dry
surface areas of packings. Usually, interfacial areas in packings of approximately
25 mm achieve maximum values compared to areas in smaller or larger packings.

One method of estimating the effective interfacial area 4 is to divide values of
kga achieved with an irrigated packed column by the kg values achieved with an
unirrigated packed bed. In this way, values of kg can be obtained by measuring
rates of drying of all-wet porous packing [11] or rates of sublimation of packings
made from naphthalene [12]. The results obtained with these two methods were in
agreement, and the following dimensionless equation [11] provides such kg values
for the bed of unirrigated, all-wet Raschig rings:

(Us/ke) = 0.935(UspAy /1" (u/pD)*?

(6.54)
= 0.935(Re)** (Sc)*/*
where A, is the surface area of a piece of packing and Uy is superficial gas velocity.
(Note: all of the fluid properties in the above equation are for gas.)

Figure 6.5 shows values of the effective interfacial area thus obtained by com-
paring kga values [13] for gas-phase resistance-controlled absorption and vapor-
ization with kg values by Equation 6.54. It is seen that the effective area for
absorption is considerably smaller than that for vaporization, the latter being al-
most equal to the wetted area. The effect of gas rates on a is negligible.

Liquid-phase mass transfer data [13-15] were correlated by the following di-
mensionless equation [13]:

(Hi/dp) = 1.9(L/au)* (uy/pLDr)* (dpgpy /i) ~/° (6.55)

where d,, is the packing size (L), a is the effective interfacial area of packing (L")
given by Figure 6.5, D; is liquid phase diffusivity (L*T""), g is the gravitational
constant (LT %), Hy is the height per transfer unit (L), u is the liquid viscosity
(ML 'T™"), and p, is the liquid density (M L?), all in consistent units.
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Figure 6.5 Effective and wetted areas in 25 mm Raschig rings.

The effective interfacial areas for absorption with a chemical reaction [6] in
packed columns are the same as those for physical absorption, except that ab-
sorption is accompanied by rapid, second-order reactions. For absorption with a
moderately fast first-order or pseudo first-order reaction, almost the entire inter-
facial area is effective, because the absorption rates are independent of ki as can be
seen from Equation 6.24 for the enhancement factor for such cases. For a new
system with an unknown reaction rate constant, an experimental determination of
the enhancement factor by using an experimental absorber with a known inter-
facial area would serve as a guide.

Ample allowance should be made in practical design calculations, since pre-
viously published correlations have been based on data obtained with carefully
designed experimental apparatus.

Example 6.2

Air containing 2 vol% ammonia is to be passed through a column at a rate of
5000m>h~'. The column is packed with 25 mm Raschig rings, and is oper-
ating at 20 °C and 1atm. The aim is to remove 98% of the ammonia by ab-
sorption into water. Assuming a superficial air velocity of 1ms ™", and a water
flow rate of approximately twice the minimum required, calculate the required
column diameter and packed height. The solubility of ammonia in water at
20°C is given by:

m = Cg(kgm?)/Cr(kgm?) = 0.00202

The absorption of ammonia into water is a typical case where gas-phase re-
sistance controls the mass transfer rates.
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Solution
Concentrations of NHj in the air at the bottom and top of the column:

Cop = 17 x 0.02 x 273/(22.4 x 293) = 0.0141kgm

Cor = 0.0141(1 — 0.98) = 0.000282kgm >

Amount of NHj to be removed: 0.0141 x 5000 x 0.98 = 69.1kgh '
Minimum amount of water required.

L=G x (Cg/CL) = 5000 x 0.00202 = 10.1m’h ™"

If water is used at 20m>h ', then the NH; concentration in water leaving the
column: Cyp=69.1/20 =3.46kgm >

For a superficial gas velocity of 1ms™", the required sectional area of the
column is 5000/3600 = 1.388 m?, and the column diameter is 1.33 m.

Then, the superficial water rate: Up =20/1.39=14.4mh"

According to flooding limits correlations, this is well below the flooding limit.
Now, the logarithmic mean driving potential is calculated.

-1

Ces* (in equilibrium with Cig) = 3.46 x 0.00202 = 0.00699 kgm >
(ACg)g = 0.0141 — 0.00699 = 0.00711 kgm >

(ACg)y = 0.00028 kgm >

(ACg),,, = (0.00711 — 0.00028) /In(0.00711,/0.00028) = 0.00211kgm >

By Equation 6.46
Noc = (0.0141 — 0.00028)/0.00211 = 6.55

The value of kg is estimated by Equation 6.54. With known values of
Ug=100cms™ !

Ap =39cm?, p = 0.00121 gem >, i = 0.00018 gcm ~'s ™"
and
D=0.22cm?s!
Equation 6.54 gives
100/kg = 0.935(4198)**(0.676)*® = 22.0
ke =4.55cms ' =164mh™!

From Figure 6.5, the interfacial area a for 25mm Raschig rings at
U =14.4mh ! is estimated as:

a=74m?*m™3
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Then
kca = 164 x 74 = 12100h !

Hg =3600/12100 = 0.30m

The required packed height is:
Z = Ng X Hg =6.55%x0.30=197m
With an approximate 25% allowance, a packed height of 2.5m is used.

» Problems

6.1 An air-SO, mixture containing 10vol% of SO, is flowing at 340m>h ™" (20°C,
latm). If 95% of the SO, is to be removed by absorption into water in a coun-
tercurrent packed column operated at 20 °C, 1atm, how much water (kgh™') is
required? The absorption equilibria are given in Table P6.1.

pSO, (mmHg) 26 59 123
X (kg SO, per 100kg H,0) 05 1.0 2.0

6.2 Convert the value of kg, =8.50kmolm *h"atm™" at 20 °C into kg, (mh™").

6.3 Ammonia in air is absorbed into water at 20 °C. The liquid film mass transfer
coefficient and the overall coefficient are 2.70 x 10 >ms ™' and 1.44 x 10 *ms ™",
respectively. Use the partition coefficient given in Example 6.2. Determine:

1. the gas film coefficient;
2. the percentage resistance to the mass transfer in the gas phase.

6.4 The solubility of NH; in water at 15°C is given as H=p/C=0.461atmm’
kmol L. It is known that the film coefficients of mass transfer are kg =1.10
kmolm 2h tatm ! and k; =0.34 mh L. Estimate the value of the overall mass
transfer coefficient Kg. (mh™") and the percentage of the gas film resistance.

6.5 A gas is to be absorbed into water in a countercurrent packed column. The
equilibrium relation is given by Y=0.06X, where Y and X are the gas and liquid
concentrations in molar ratio, respectively. The required conditions are Yg = 0.009,
Y1 =0.001, Xy =0, Yg=0.08 where the suffix B represents the column bottom,
and T the column top. Given the values Hy =30cm, Hg =45 cm, estimate the
required packed height.

6.6 The value of H; for the desorption of O, from water at 25°C in a packed
column is 0.30 m, when the superficial water rate is 20 000 kg m~2h~!. What is the
value of k. a?
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7
Bioreactors

7.1
Introduction

Bioreactors are the apparatus in which practical biochemical reactions are per-
formed, often with use of enzymes and/or living cells. Bioreactors which use living
cells are usually called fermentors, and specific aspects of these will be discussed
in Chapter 12. The apparatus applied to waste water treatment using biochemical
reactions is another example of a bioreactor. Even blood oxygenators, that is, ar-
tificial lungs as discussed in Chapter 14, can also be regarded as bioreactors.

Since most biochemical reactions occur in the liquid phase, bioreactors usually
handle liquids. Processes in bioreactors often also involve a gas phase, as in cases
of aerobic fermentors. Some bioreactors must handle particles, such as im-
mobilized enzymes or cells, either suspended or fixed in a liquid phase. With
regards to mass transfer, microbial or biological cells may be regarded as minute
particles.

Although there are many types of bioreactor, they can be categorized into the
following major groups:

e Mechanically stirred (agitated) tanks (vessels).

e Bubble columns - that is, cylindrical vessels without mechanical agitation, in
which gas is bubbled through a liquid, and their variations, such as airlifts.

e Loop reactors with pumps or jets for forced liquid circulation.

e Packed-bed reactors (tubular reactors).

e Membrane reactors, using semi-permeable membranes, usually of sheet or
hollow fiber-type.

e Microreactors.

e Miscellaneous types, for example, rotating-disk, gas-liquid contactors, and so
on.

In the design and operation of various bioreactors, a practical knowledge of
physical transfer processes — that is, mass and heat transfer, as described in the
relevant previous chapters — are often also required in addition to a knowledge of
the kinetics of biochemical reactions and of cell kinetics. Some basic concepts on
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the effects of diffusion inside the particles of catalysts, or of immobilized enzymes
or cells, is provided in the following section.

7.2
Some Fundamental Concepts

7.2.1
Batch and Continuous Reactors

Biochemical reactors can be operated either batchwise or continuously, as noted in
Section 1.5. Figure 7.1 shows, in schematic form, four modes of operation with
two types of reactor for chemical and/or biochemical reactions in liquid phases,
with or without suspended solid particles, such as catalyst particles or microbial
cells. The modes of operation include: stirred batch; stirred semi-batch; con-
tinuous stirred; and continuous plug flow reactors. In the first three types, the
contents of the tanks are completely stirred and uniform in composition.

In a batch reactor, the reactants are initially charged and, after a certain reaction
time, the product(s) are recovered batchwise. In the semi-batch (or fed-batch) re-
actor, the reactants are fed continuously, and the product(s) are recovered batch-
wise. In these batch and semibatch reactors, the concentrations of reactants and
products change with time.

Figure 7.1c and d show two types of the steady-state flow reactors with a con-
tinuous supply of reactants and continuous removal of product(s). Figure 7.1c
shows the continuous stirred-tank reactor (CSTR) in which the reactor contents
are perfectly mixed and uniform throughout the reactor. Thus, the composition of
the outlet flow is constant, and the same as that in the reactor. Figure 7.1d shows
the plug flow reactor (PFR). Plug flow is the idealized flow, with a uniform fluid
velocity across the entire flow channel, and with no mixing in the axial and radial

CA
—— —
(a) Batch reactor (b) Semi-batch reactor
—_ —-
F
=L - v I
\ F
(c) Continuous stirred-tank reactor (d) Continuous plug-flow reactor

Figure 7.1 Modes of reactor operation.
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directions. The concentrations of both reactants and products in the plug flow
reactor change along the flow direction, but are uniform in the direction per-
pendicular to flow. Usually, mixing conditions in real continuous flow reactors are
intermediate between these two extreme cases, viz. the CSTR with perfect mixing,
and the PFR with no mixing in the flow direction.

The material balance relationship (i.e., Equation 1.5) holds for any reactant. If
the liquid in a reactor is completely stirred and its concentration is uniform, we
can apply this equation to the whole reactor. In general, it is applicable to a dif-
ferential volume element and must be integrated over the whole reactor.

722
Effects of Mixing on Reactor Performance

7.2.2.1 Uniformly Mixed Batch Reactor
As there is no entering or leaving flow in the batch reactor, the material balance
equation for a reactant A in a liquid of constant density is given as:

dc d
—raV =Vt VCAO% (7.1)

where 7, is the reaction rate (kmolm ™ >s™"), Vis the liquid volume (m?), and C, is
the reactant concentration (kmolm ). The fractional conversion x,(—) of A is
defined as (Cao—Ca)/Cao, Where Cpy is the initial reactant concentration in the
liquid in the reactor. Integration of Equation 7.1 gives

A dc A d
= — —A_ Cao & (72)
—TA —Ta

Integration of Equation 7.2 for the irreversible first-order and second-order re-
actions leads to previously given Equations 3.15 and 3.22, respectively.

Similarly, for enzyme-catalyzed reactions of the Michaelis-Menten type, we can
derive Equation 7.3 from Equation 3.31.

ConA — Kmh’l(l - :xA) = Vmaxt (73)

7.2.2.2 Continuous Stirred-Tank Reactor (CSTR)

The liquid composition in the CSTR is uniform and equal to that of the exit
stream, and the accumulation term is zero at steady state. Thus, the material
balance for a reactant A is given as:

FCA() — FCA()(l — XA) = —YAV (74)
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where F is the volumetric feed rate (m’s™') and V is the volume of the reactor

(m?), with other symbols being the same as in Equation 7.1. The residence time t
(s) is given as:

V. Caoxa

F —TIA (75)

T
The reciprocal of 7, that is, F/V, is called the dilution rate.
For the irreversible first-order reaction and the Michaelis—Menten type reaction,
the following Equations 7.6 and 7.7 hold, respectively:

kt= T (7.6)
Vmax T= CAOxA + Kny A (77)
1-— XA

where K, is the Michaelis-Menten constant.

7.2.2.3 Plug Flow Reactor (PFR)
The material balance for a reactant A for a differential volume element dV of the
PFR perpendicular to the flow direction is given by:

FCp — F(CA + dCA) = —1pdV (78)

in which symbols are the same as in Equation 7.1. Hence,

v rdc “ra
_v_ A _ XA
T= o —_rA Cao —_rA (7.9)
CA0 0

Substitution of the rate equations into Equation 7.9 and integration give the
following performance equations.

For the first-order reaction,
—In(1 —xp) =k= (7.10)
For the second-order reaction,

(1—xg) _ 1 CCno _
=1n =
(1 — xA) CB()CA

In (CBO — CAo)k‘C (7.11)

For the Michaelis—Menten-type reaction,
CA()XA — Kmh’l(l - xA) = VmaxT (712)

Equations 7.10 to 7.12 are identical in forms with those for the uniformly mixed
batch reactor, that is, Equations 3.15, 3.22, and 7.3, respectively. It is seen that the
time from the start of a reaction in a batch reactor (t) corresponds to the residence
time in a plug flow reactor (1).
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Example 7.1

A feed solution containing a reactant A (C, = 1 kmol m >) is fed to a CSTR or
to a PFR at a volumetric flow rate of 0.001m>s™", and converted to product P
in the reactor. The first-order reaction rate constant is 0.02s5™".

Determine the reactor volumes of the CSTR and PFR required to attain a

fractional conversion of A, x5 =0.95.
Solution

(a) CSTR case
From Equation 7.6

. 1
0.95 —— =950s

TT1-095 1002

V =F x 1=0.001 x 950 = 0.95m>
(b) PFR case

From Equation 7.10

—In(1 - 0.95)
= "7
T 0.02 50s

V =Fx1=0.001 x 150 = 0.15m>

It is seen that required volume of the PFR is a much smaller than that of the
CSTR to attain an equal fractional conversion, as discussed below.

7.2.2.4 Comparison of Fractional Conversions by CSTR and PFR

Figure 7.2 shows the calculated volume ratios of CSTR to PFR plotted against the
fractional conversions (1—x,) with the same feed compositions for first-order,
second-order, and Michaelis—-Menten-type reactions. A larger volume is always
required for the CSTR than for the PFR in order to attain an equal specific con-
version. The volume ratio increases rapidly with the order of reaction at higher
conversions, indicating that liquid mixing strongly affects the performance of
reactors in this range.

In the CSTR, the reactants in the feed are instantaneously diluted to the con-
centrations in the reactor, whereas in the PFR there is no mixing in the axial
direction. Thus, the concentrations of the reactants in the PFR are generally higher
than those in the CSTR, and reactions of a higher order proceed under favorable
conditions. Naturally, the performance for zero-order reactions is not affected by
the type of reactor.
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Figure 7.2 Volume ratios of CSTR to PFR for first-order, second-order,
and Michaelis—Menten-type reactions.

7.2.3
Effects of Mass Transfer Around and Within Catalyst or Enzymatic Particles
on the Apparent Reaction Rates

For liquid-phase catalytic or enzymatic reactions, catalysts or enzymes are used as
homogeneous solutes in the liquid, or as solids particles suspended in the liquid
phase. In the latter case: (i) the particles per se may be catalysts; (ii) the catalysts or
enzymes are uniformly distributed within inert particles; or (iii) the catalysts or
enzymes exist at the surface of pores, inside the particles. In such heterogeneous
catalytic or enzymatic systems, a variety of factors which include the mass transfer
of reactants and products, heat effects accompanying the reactions, and/or some
surface phenomena, may affect the apparent reaction rates. For example, in si-
tuation (iii) above, the reactants must move to the catalytic reaction sites within
catalyst particles by various mechanisms of diffusion through the pores. In gen-
eral, the apparent rates of reactions with catalyst or enzymatic particles are lower
than the intrinsic reaction rates; this is due to the various mass transfer re-
sistances, as will be discussed below.

7.2.3.1 Liquid Film Resistance Controlling
In the case where the rate of the catalytic or enzymatic reaction is controlled by the
mass transfer resistance of the liquid film around the particles containing catalyst
or enzyme, the rate of decrease of the reactant A per unit liquid volume [i.e., —r4
(kmolm™>s™")] is given by Equation 7.13:

—TA = k]_A(CAb — CAi) (713)

where k; is the liquid film mass transfer coefficient (ms™"), A is the surface area of
catalyst or enzyme particles per unit volume of liquid containing particles
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(m”m ), Cayp, is the concentration of reactant A in the bulk of liquid (kmolm>),
and Cy; is its concentration on the particle surface (kmol m73). Correlations for k;.
in packed beds and other cases are given in the present chapter, as well as in
Chapter 6 and also in various reference books.

The apparent reaction rate depends on the magnitude of the Damkohler
number (Da) as defined by Equation 7.14; that is, the ratio of the maximum re-
action rate to the maximum mass transfer rate.

_rA,max

Da — —/Amax
4 T LACa

(7.14)

In the case when mass transfer of the reactants through the liquid film on the
surface of catalyst or enzyme particles is much slower than the reaction itself
(Da>1), then the apparent reaction rate becomes almost equal to the rate of mass
transfer. This is analogous to the case of two electrical resistances of different
magnitudes in series, where the overall resistance is almost equal to the higher
resistance. In such a case, the apparent reaction rate is given by:

—rpA = kLACAb (715)

7.2.3.2 Effects of Diffusion Within Catalyst Particles [1]

The resistance to mass transfer of reactants within catalyst particles results in
lower apparent reaction rates, due to a slower supply of reactants to the catalytic
reaction sites. The long diffusional paths inside large catalyst particles, often
through tortuous pores, result in a high resistance to mass transfer of the reactants
and products. The overall effects of these factors involving mass transfer and re-
action rates are expressed by the so-called (internal) effectiveness factor Ey, which
is defined by the following equation, excluding the mass transfer resistance of the
liquid film on the particle surface [2]:

B — apparent reaction rate involving mass transfer within catalyst particles
f ™ Intrinsic reaction rate excluding mass transfer effects within catalyst particles

(7.16)

If there is no mass transfer resistance within the catalyst particle, then Ef is
unity. However, it will then decrease from unity with increasing mass transfer
resistance within the particles. The degree of decrease in Ef is correlated with a
dimensionless parameter known as the Thiele modulus [2], which involves the
relative magnitudes of the reaction rate and the molecular diffusion rate within
catalyst particles. The Thiele moduli for several reaction mechanisms and shapes
of catalyst particles have been derived theoretically.

The Thiele modulus ¢ for the case of a spherical catalyst particle of radius R
(cm), in which a first-order catalytic reaction occurs at every point within the
particles, is given as:
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k

R
¢ = 3\ Do (7.17)

where k is the first-order reaction rate constant (s’l) and D is the effective
diffusion coefficient (cm”s™') based on the overall concentration gradient inside
the particle.

The radial distribution of the reactant concentrations in the spherical catalyst
particle is theoretically given as:

. Ca  sinh(3¢r*)
Ca= Cap,  7*sinh(3¢) (7.18)

where sinhx = (¢ — e7¥)/2, ¢ is the Thiele modulus, C, is the reactant con-
centration at a distance r from the center of the sphere of radius R, Cpp, is C, at the
sphere’s surface, and r" = r/R. Figure 7.3 shows the reactant concentrations within
the particle calculated by Equation 7.18 as a function of ¢ and the distance from
the particle surface.

Under steady-state conditions the rate of reactant transfer to the outside surface
of the catalyst particles should correspond to the apparent reaction rate within the
catalyst particles. Thus, the effectiveness factor Ef is given by the following
equation:

dcs
Er = m (7 19)
f kCap '

where 3/R is equal to the surface area divided by the volume of the catalyst particle.
Combining Equations 7.18 and 7.19, the effectiveness factor for the first order
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Figure 7.3 The concentration distribution of reactant within a spherical catalyst particle.
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Figure 7.4 Effectiveness factor of spherical catalyst particle for a first-order reaction.

catalytic reaction in spherical particles is given as:

_ 3¢ coth(3¢) — 1

Ef 347

(7.20)

In Figure 7.4 the effectiveness factor is plotted against the Thiele modulus for
spherical catalyst particles. For low values of ¢, Eris almost equal to unity, with
reactant transfer within the catalyst particles having little effect on the apparent
reaction rate. On the other hand, Erdecreases in inverse proportion to ¢ for higher
values of ¢, with reactant diffusion rates limiting the apparent reaction rate. Thus,
E¢ decreases with increasing reaction rates and the radius of catalyst spheres, and
with decreasing effective diffusion coefficients of reactants within the catalyst
spheres.

7.2.3.3 Effects of Diffusion Within Immobilized Enzyme Particles
Enzymes, when immobilized in spherical particles or in films made from various
polymers and porous materials, are referred to as “immobilized” enzymes. En-
zymes can be immobilized by covalent bonding, electrostatic interaction, cross-
linking of the enzymes, entrapment in a polymer network, among other
techniques. In the case of batch reactors, the particles or films of immobilized
enzymes can be reused after having been separated from the solution after reac-
tion by physical means, such as sedimentation, centrifugation, and filtration.
Immobilized enzymes can also be used in continuous fixed-bed reactors, fluidized
reactors, and membrane reactors.

Apparent reaction rates with immobilized enzyme particles also decrease due to
the mass transfer resistance of reactants (substrates). The Thiele modulus of
spherical particles of radius R for the Michaelis—Menten-type reactions is given as:
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(7.21)

R Vmax
v=3

Degr Kiny

where Vi, is the maximum reaction rate (kmol m>s ') attained at the very high
substrate concentrations, and K,,, is the Michaelis constant (kmol m>).

Calculated values of E for several values of Cap/K,, are shown in Figure 7.5,
where Eris seen to increase with increasing values of Cap,/Ky,. When the values of
Cab/ K approach zero, the curve approaches the first-order curve shown in
Figure 7.4. The values of Ef decrease with increasing reaction rate and/or im-
mobilized enzyme concentration, and also with increasing resistance to substrate
mass transfer.
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Figure 7.5 Effectiveness factor for various values of Cap/Km
(Michaelis—Menten-type reaction, sphere).

Example 7.2

Immobilized enzyme beads of 0.6cm diameter contain an enzyme which
converts a substrate S to a product P by an irreversible, unimolecular enzyme
reaction with K, =0.012kmolm™> and a maximum rate Vy,=3.6x 107
kmol (kg-bead) 's™'. The density of the beads and the effective diffusion
coefficient of the substrate in the catalyst beads are 1000kgm > and
1.0 x 10 ®cm?s ™, respectively.

Determine the effectiveness factor and the initial reaction rate, when the

substrate concentration is 0.6 kmol m 3.
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Solution

The value of the Thiele modulus is calculated from Equation 7.21.

b3

=173
3 7

\/3.6 x 107 x 1000
1.0 x 106 x 0.012

The value of Cpp/Ky, is 50, and thus a value of Er=0.50 is obtained from
Figure 7.5. The initial rate of the reaction is

VinaxCs _ o 36 x 107" x 06
Kn+Cs 0.012 + 0.6

=1.8x 10 *“kmolm3s7!

T‘p:Ef

73
Bubbling Gas-Liquid Reactors

In both the gassed (aerated) stirred tank and in the bubble column, the gas bubbles
rise through a liquid, despite the mechanisms of bubble formation in the two types
of apparatus being different. In this section, we shall consider some common
aspects of the gas bubble-liquid systems in these two types of reactor.

7.3.1
Gas Holdup

Gas holdup is the volume fraction of gas bubbles in a gassed liquid. However, it
should be noted that two different bases are used for defining gas holdup: (i) the
total volume of gas bubble-liquid mixture, and (ii) the clear liquid volume ex-
cluding bubbles. Thus, the gas holdup defined on basis (i) is given as:

e=W/VL=(Zr —Z1)/ 2L (7.22)

where Vj is the volume of bubbles (L%), V; is the volume of liquid (L%, Zg is the

total height of the gas-liquid mixture (L), and Z; is the height of liquid excluding
bubbles.

The gas holdup on basis (i) is defined as:
&= VB/(VL + VB) = (ZF — ZL)/ZF (723)

The gas holdups can be obtained by measuring Zr and Z;, or by measuring the
corresponding hydrostatic heads. Evidently, the following relationship holds.

Although the use of basis (i) is more common, basis (ii) is more convenient in
some cases.
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7.3.2
Interfacial Area

As with the gas holdup, there are two definitions of interfacial area, namely the
interfacial area per unit volume of gas-liquid mixture a (L*L?) and the interfacial
area per unit liquid volume a (L?L3).

There are at least three methods to measure the interfacial area in liquid-gas
bubble systems.

The light transmission technique [3] is based on the fact that the fraction of light
transmitted through a gas-liquid dispersion is related to the interfacial area and
the length of the light pass, irrespective of bubble size.

In the photographic method, the sizes and number of bubbles are measured on
photographs of bubbles, but naturally there is wide distribution among the bubble
sizes.

The volume—surface mean bubble diameter d,s is defined by Equation 7.25:

dy= &) 3 & (7.25)

i=1 ' i=1

The value of a can then be calculated by using the following relationship:
a = 6¢/dys (7.26)

Equation 7.26 also gives d,s, in case the gas holdup ¢ and the interfacial area a
are known.

The chemical method used to estimate the interfacial area is based on the theory
of the enhancement factor for gas absorption accompanied with a chemical re-
action. It is clear from Equations 6.22 to 6.24 that, in the range where y>5, the gas
absorption rate per unit area of gas-liquid interface becomes independent of the
liquid phase mass transfer coefficient ki, and is given by Equation 6.24. Such
criteria can be met in the case of absorption with an approximately pseudo first-
order reaction with respect to the concentration of the absorbed gas component.
Reactions that could be used for the chemical method include, for example, CO,
absorption in aqueous NaOH solution, and the air oxidation of Na,SO; solution
with a cupric ion or cobaltous ion catalyst (this is described in the following
section).

It is a well-known fact that bubble sizes in aqueous electrolyte solutions are
much smaller than in pure water with equal values of viscosity, surface tension,
and so on. This can be explained by the electrostatic potential of the resultant ions
at the liquid surface, which reduces the rate of bubble coalescence. This fact
should be remembered when planning experiments on bubble sizes or interfacial
areas.
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7.33
Mass Transfer Coefficients

7.3.3.1 Definitions

Relationships between the gas-phase mass transfer coefficient kg, the liquid-phase
mass transfer coefficient ki, and the overall mass transfer coefficients Kg and K,
were discussed in Section 6.2. With the definitions used in this book, all of these
coefficients have a simple dimension (LT ).

With regards to handling data on industrial apparatus for gas-liquid mass
transfer (such as packed columns, bubble columns, and stirred tanks), it is more
practical to use volumetric mass transfer coefficients, such as Kga and Kia, be-
cause the interfacial area a cannot be well defined and will vary with operating
conditions. As noted in Section 6.7.2, the volumetric mass transfer coefficients for
packed columns are defined with respect to the packed volume - that is, the sum
of the volumes of gas, liquid, and packings. In contrast, volumetric mass transfer
coefficients, which involve the specific gas-liquid interfacial area a (L>L~?), for
liquid—gas bubble systems (such as gassed stirred tanks and bubble columns) are
defined with respect to the unit volume of gas-liquid mixture or of clear liquid
volume, excluding the gas bubbles. In this book we shall use a for the specific
interfacial area with respect to the clear liquid volume, and a for the specific in-
terfacial area with respect to the total volume of gas-liquid mixture.

The question is, Why is the volumetric mass transfer coefficient Kja (T~") used
so widely as a measure of performance of gassed stirred tanks and bubble col-
umns? There is nothing wrong with using Kga, as did the early investigators in
this field. Indeed, Kga and Kia are proportional and easily interconvertible by
using Equation 6.13. However, as shown by Equation 6.12, if the solubility of the
gas is rather low (e.g., oxygen absorption in fermentors), then Kia is practically
equal to k a, which could be directly correlated with liquid properties. On the other
hand, in cases where the gas solubility is high, the use of Kga rather than Kja
would be more convenient, as shown by Equation 6.11. In cases where the gas
solubility is moderate, the mass transfer resistances of both liquid and gas phases
must be considered.

7.3.3.2 Measurements of k.a

Steady-State Mass Balance Method In theory, the Kia in an apparatus which is
operating continuously under steady-state conditions could be evaluated from the
flow rates and the concentrations of the gas and liquid streams entering and
leaving, and the known rate of mass transfer (e.g., the oxygen consumption rate of
microbes in the case of a fermentor). However, such a method is not practical,
except when the apparatus is fairly large and highly accurate instruments such as
flow meters and oxygen sensors (or gas analyzers) are available.

Unsteady-State Mass Balance Method One widely used technique for determining
Kia in bubbling gas-liquid contactors is the physical absorption of oxygen or CO,
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into water or aqueous solutions, or the desorption of such a gas from a solution
into a sparging inert gas such as air or nitrogen. The time-dependent concentra-
tion of dissolved gas is followed by using a sensor (e.g., for O, or CO,) with a
sufficiently fast response to changes in concentration.

Sulfite Oxidation Method The sulfite oxidation method is a classical, but still
useful, technique for measuring kga (or kpa) [4]. The method is based on the air
oxidation of an aqueous solution of sodium sulfite (Na,SO;) to sodium sulfate
(Na,SO,) with a cupric ion (Cu”*) or cobaltous ion (Co®*) catalyst. With appro-
priate concentrations of sodium sulfite (ca. 1 N) or cupric ions (>10">mol1 ™), the
value of k; for the rate of oxygen absorption into sulfite solution, which can be
determined by chemical analysis, is practically equal to k; for the physical oxygen
absorption into sulfate solution; in other words, the enhancement factor E, as
defined by Equation 6.20, is essentially equal to unity.

It should be noted that this method yields higher values of k;a compared to
those in pure water under the same operating conditions because, due to the ef-
fects of electrolytes mentioned before, the average bubble size in sodium sulfite
solutions is smaller and hence the interfacial area is larger than in pure water.

Dynamic Method This is a practical, unsteady-state technique to measure kpa in
fermentors in operation [5] (see Figure 7.6). When a fermentor is operating under
steady conditions, the air supply is suddenly turned off, which causes the oxygen
concentration in the liquid, C; (kmolm?), to fall very quickly. As there is no
oxygen supply by aeration, the oxygen concentration falls linearly (Figure 7.6,
curve a-b), due to oxygen consumption by microbes. From the slope of the curve
a-b during this period, it is possible to determine the rate of oxygen consumption
by the microbes, g, (kmolkg™"h™"), by the following relationship:

dCy/dt = goCy (7.27)

where C, (kgm ) is the concentration of microbes in the liquid medium.
Upon restarting the aeration, the dissolved oxygen concentration will increase,
as indicated by the curve b—c. The oxygen balance during this period is expressed

by
dCy/dt = Kia(C; — C1) — go Cx (7.28)

where C; (kmol m?) is the liquid oxygen concentration in equilibrium with that
in air. A rearrangement of Equation 7.28 gives

CL = C — (1/Ka) (dCy/dt + go Cy) (7.29)

Thus, plotting the experimental values of Cp after restarting aeration against
(dCy/dt + g,Cx) would give a straight line with a slope of —(1/Kpa). Possible sources
of error for this technique are bubble retention immediately after the aeration cut-
off, especially with viscous liquids, and aeration from the free liquid surface (al-
though the latter can be prevented by passing nitrogen over the free liquid
surface).
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Figure 7.6 Dynamic measurement of k a for oxygen transfer in fermentors.

Example 7.3

In an aerated stirred tank, air is bubbled into degassed water. The oxygen
concentration in water was continuously measured using an oxygen electrode,
such that the data shown in Table 7.1 were obtained. Evaluate the overall
volumetric mass transfer coefficient of oxygen Kia (in unit of h™"). The
equilibrium concentration of oxygen in equilibrium with air under atmo-
spheric pressure is 8.0mgl™'; the delay in response of the oxygen electrode
may be neglected.

Table 7.1 Oxygen concentration in water.

Time (s) O, concentration (mgl™)
0 0
20 2.84
40 4.63
60 5.87
80 6.62
100 7.10
120 7.40
Solution

From the oxygen balance, the following equation is obtained:
dC]_/dt = KLQ(C; — C]_)
Upon integration with the initial condition C; =0 at t=0,

ln[Cf/(C]*_ — CL)] = KLIlt
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Plots of Cj/(C{—Cy) against time on semi-logarithmic coordinates produces a
straight line, from the slope of which can be calculated the value of
KLa = 79 h_l .

7.4
Mechanically Stirred Tanks

7.4.1
General

Stirred (agitated) tanks, which are widely used as bioreactors (especially as fer-
mentors), are vertical cylindrical vessels equipped with a mechanical stirrer (agi-
tator) or stirrers that rotate around the axis of the tank.

The objectives of liquid mixing in stirred tanks are to: (i) make the liquid con-
centration as uniform as possible; (ii) suspend the particles or cells in the liquid;
(i) disperse the liquid droplets in another immiscible liquid, as in the case of a
liquid-liquid extractor; (iv) disperse gas as bubbles in a liquid in the case of aerated
(gassed) stirred tanks; and (v) transfer heat from or to a liquid in the tank, through
the tank wall, or to the wall of coiled tube installed in the tank.

Figure 7.7 shows three commonly used types of impeller or stirrer. The six flat-
blade turbine, often called the Rushton turbine (Figure 7.7a), is widely used. The
standard dimensions of this type of stirrer relative to the tank size are as follows:

4/D=1/3 D=H, d=H
L/d=1/4 b/d=1/5

where D is the tank diameter, H; is the total liquid depth, d is the impeller
diameter, H; is the distance of the impeller from the tank bottom, and L and b are
the length and width of the impeller blade, respectively.

When this type of impeller is used, typically four vertical baffle plates, each one-
tenth of the tank diameter in width and the total liquid depth in length, are fixed
perpendicular to the tank wall so as to prevent any circular flow of liquid and the
formation of a concave vortex at the free liquid surface.

With this type of impeller in operation, liquid is sucked to the impeller center
from below and above, and then driven radially towards the tank wall, along which
it is deflected upwards and downwards. It then returns to the central region of the
impeller. Consequently, this type of impeller is referred to as a radial flow impeller.
If the ratio of the liquid depth to the tank diameter is 2 or more, then multiple
impellers fixed to a common rotating shaft are often used.

When liquid mixing with this type of impeller is accompanied by aeration
(gassing), the gas is supplied at the tank bottom through a single nozzle or via a
circular sparging ring (which is a perforated circular tube). Gas from the sparger
should rise within the radius of the impeller, so that it can be dispersed by the
rotating impeller into bubbles that are usually several millimeters in diameter. The
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Figure 7.7 Typical impeller types: (a) a six-flat blade turbine;
(b) a two-flat blade paddle; (c) a three-blade marine propeller.
See the text for details of the abbreviations.

dispersion of gas into bubbles is in fact due to the high liquid shear rates produced
by the rotating impeller.

Naturally, the patterns of liquid movements will vary with the type of impeller
used. When marine propeller-type impellers (which often have two or three blades;
see Figure 7.7c) are used, the liquid in the central part moves upwards along the
tank axis and then downwards along the tank wall. Hence, this type of impeller is
categorized as an axial flow impeller. This type of stirrer is suitable for suspending
particles in a liquid, or for mixing highly viscous liquids.

Figure 7.7b shows a flat-blade paddle with two blades. If the flat blades are
pitched, then the liquid flow pattern becomes intermediate between axial and
radial flows. Many other types of impeller are used in stirred tanks, but these are
not described at this point.

Details of heat transfer in stirred tanks are provided in Sections 5.4.3 and 12.3.

7.4.2
Power Requirements of Stirred Tanks

The power required to operate a stirred tank is mostly the mechanical power re-
quired to rotate the stirrer. Naturally, the stirring power varies with the stirrer type.
In general, the power requirement will increase in line with the size and/or ro-
tating speed, and will also vary according to the properties of the liquid. The stirrer
power requirement for a gassed (aerated) liquid is less than for an ungassed liquid,
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because the average bulk density of a gassed liquid, particularly in the vicinity of
the impeller, is less than that for an ungassed liquid.

7.42.1 Ungassed Liquids

There are well-established empirical correlations for stirrer power requirements [6,
7). Figure 7.8 [6] is a log-log plot of the power number Np for ungassed liquids
versus the stirrer Reynolds number (Re). These dimensionless numbers are de-
fined as follows:

Np = P/(pN*d®) (7.30)

Re = Nd’p/u (7.31)

where P is the power required (ML?T ), N is the number of revolutions of the
impeller per unit time (T™'), d is the impeller diameter (L), p is the liquid density
(M/L?), and u is the liquid viscosity (ML 'T™"). Since the product N d is
proportional to the peripheral speed (i.e., the tip speed of the rotating impeller),
Equation 7.31 defining (Re) for the rotating impeller corresponds to Equation 2.7,
the (Re) for flow through a straight tube.

In Figure 7.8, the curves a, b, and c correlate data for three types of impeller,
namely the six-flat blade turbine, two-flat plate paddle, and three-blade marine
propeller, respectively. It should be noted that, for the range of (Re) greater
than 10*, Np is independent of (Re). For this turbulent regime it is clear from

100
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mé //
= (b}
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1
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Re=Nd2p/p

Figure 7.8 Correlation between Reynolds number (Re) and
Power number (Np). Curve (a): six-flat blade turbine, four
baffles W, =0.1 D (see Figure 7.7); Curve (b): two-flat blade
paddle, four baffles, W,,=0.1 D; Curve (c): three-blade marine
propeller, four baffles, W, =0.1 D.
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Equation 7.30 that
P=c; Np pN*d® (7.32)

where ¢, is a constant which varies with the impeller types. Thus, P for a given type
of impeller varies in proportion to N°, d® and liquid density p, but is independent
of the liquid viscosity u

For the ranges of Re below approximately 10, the plots are straight lines with a
slope of —1; that is, Np is inversely proportional to (Re). Then, for this laminar
regime, we can obtain Equation 7.33 from Equations 7.30 and 7.31:

P = c,uN*d? (7.33)

Thus, P for the laminar regime varies in proportion to liquid viscosity u, N?, d*
and to a constant ¢,, which varies with impeller types, although P is independent
of the liquid density p.

It is worth remembering that the power requirements of geometrically similar
stirred tanks are proportional to N* d° in the turbulent regime, and to N* d* in the
laminar regime. Equal power per unit liquid volume is sometimes used as a cri-
terion for scale-up. Details of stirrer power requirements for non-Newtonian li-
quids are provided in Section 12.2.

7.42.2 Gas-Sparged Liquids

The ratio of the power requirement of gas-sparged (aerated) liquid in a stirred
tank, Pg, to the power requirement of ungassed liquid in the same stirred tank, P,
can be estimated using Equation 7.34 [7]. This is an empirical, dimensionless
equation based on data for six-flat blade turbines, with a blade width which is one-
fifth of the impeller diameter d, while the liquid depth H; is equal to the tank
diameter. Although these data were for tank diameters up to 0.6 m, Equation 7.34
would apply to larger tanks where the liquid depth-to-diameter ratio is typically in
the region of unity.

Log(Pc/Py) = —192(d/D)*** (N /v)* 1 (dN? /g)°WP)(Q /N ) (7.34)

where d is the impeller diameter (L), D is the tank diameter (L), N is the rotational
speed of the impeller (T™"), g is the gravitational constant (LT?), Q is the gas rate
(L>T™"), and v is the kinematic viscosity of the liquid (L*T""). The dimensionless
groups include: (d°N/v) = Reynolds number (Re); (dN’/g) = Froude number (Fr);
and (Q/N d’) =aeration number (Na), which is proportional to the ratio of the
superficial gas velocity with respect to the tank cross-section to the impeller tip
speed.

The ratio Pg /P, for flat-blade turbine impeller systems can also be estimated by
Equation 7.35 [8].

Pg/Py = 0.10(Q/N V) V*(N?d* /g b V?/3)1/° (7.35)

where V is the liquid volume (L%), and b is the impeller blade width (L). All other
symbols are the same as in Equation 7.34.
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Example 7.4

Calculate the power requirements, with and without aeration, of a 1.5 m-
diameter stirred tank, containing water 1.5 m deep, equipped with a six-blade
Rushton turbine that is 0.5 m in diameter d, with blades 0.25 d long and 0.2 d
wide, operating at a rotational speed of 180 r.p.m. Air is supplied from the tank

bottom at a rate of 0.6 m’> min~'. Operation is at room temperature. Values of

water viscosity =0.001kgm 's~! and water density p = 1000 kg m*; hence

w/p=v=10"°m?s! can be used.
Solution
(@) The power requirement without aeration can be obtained using
Figure 7.8.
(Re) = d®N/v =0.5? x 3/10°° = 7.5 x 10°
This is in the turbulent regime. Then, from Figure 7.8:
Np =6
Py = 6pN>d° = 6(1000)3(0.5)° = 5060 kg m? s> = 5060 W
(b) Power requirement with aeration is estimated using Equation 7.34.
log(Pg/Po) = —192(1/3)**%(0.5? x 3/107¢)*
x (0.5 x 32/9.8)1%3(0.01/3 x 0.5%) = —0.119
Pc/Po = 0.760
Hence,
Pc = 5060 x 0.760 = 3850 W

For comparison, calculation by Equation 7.35 gives

Pg/Py =0.676 Pg = 3420W

7.43
kia in Gas-Sparged Stirred Tanks

Gas-liquid mass transfer in fermentors is discussed in detail in Section 12.4. In
dealing with k;a in gas-sparged stirred tanks, it is more rational to separate k; and
a, because both are affected by different factors. It is possible to measure a by
using either a light-scattering technique [9] or a chemical method [4]. The average
bubble size dys can then be estimated by Equation 7.26 from measured values
of a and the gas holdup . Correlations for k; have been obtained in this way (e.g.,
[10, 11]), but in order to use them it is necessary that a and d,s are known.
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It would be more practical, if k;a in gas-sparged stirred tanks were to be directly
correlated with operating variables and liquid properties. It should be noted that
the definition of k;a for a gas-sparged stirred tank (both in this text and in general)
is based on the clear liquid volume, without aeration.

The empirical Equations 7.36 and 7.36a [3] can be used for very rough estima-
tion of kia in aerated stirred tanks with accuracy within 20-40%. It should be
noted that in using Equations 7.36 and 7.36a, Pg must be estimated by the cor-
relations given in Section 7.4.2. For an air—water system, a water volume V less
than 2.6m* and a gas-sparged power requirement Pg/V between 500 and
10000 W m ™,

kra(s™!) = 0.026(Pg/V)** U2 (7.36)

where Ug (ms™') is the superficial gas velocity. For air—electrolyte solutions, a
liquid volume V less than 4.4m?, and Pg/V between 500 and 10000 Wm >,

kra(s™') = 0.002(Pg/V)*’ U %? (7.36a)

It is worth remembering that the power requirement of gas-sparged stirred
tanks per unit liquid volume at a given superficial gas velocity Ug is proportional
to N’ L% where N is rotational speed of the impeller (T ') and L the tank size (L),
such as the diameter. Usually, kpa values vary in proportion to (Pg/V)™ and Ug",
where m=0.4-0.7 and n=0.2-0.8, depending on operating conditions. Thus, in
some cases, such as scaling-up of geometrically similar stirred tanks, the esti-
mation of power requirement can be simplified using the above relationship.

Correlations for kia in gas-sparged stirred tanks such as Equations 7.36 and
7.36a apply only to water or to aqueous solutions with properties close to those of
water. Values of kpa in gas-sparged stirred tanks are affected not only by the ap-
paratus geometry and operating conditions but also by various liquid properties,
such as viscosity and surface tension. The following dimensionless Equation 7.37
[12], which includes various liquid properties, is based on data of oxygen deso-
rption from various liquids, including some viscous Newtonian liquids, in a stirred
tank, with 25cm inside diameter, of standard design with a six-blade turbine
impeller:

(krad?/Dy) = 0.060(d*Np/u)"* (dN?/g)**°

(7.37)
x (4/pD1)™ (uUg /0)"*(Nd/ Ug)***

in which d is the impeller diameter, Dy is the liquid-phase diffusivity, N is the
impeller rotational speed, Ug is the superficial gas velocity, p is the liquid density, u
is the liquid viscosity, and ¢ is the surface tension (all in consistent units). A modified

form of the above equation for non-Newtonian fluids is given in Chapter 12.
In evaluating k;a in gas-sparged stirred tanks, it can usually be assumed that the
liquid concentration is uniform throughout the tank. This is especially true with
small experimental apparatus, in which the rate of gas-liquid mass transfer at the
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free liquid surface might be a considerable portion of total mass transfer rate. This
can be prevented by passing an inert gas (e.g., nitrogen) over the free liquid.

Example 7.5

Estimate kya for oxygen absorption into water in the sparged stirred tank of
Example 7.4. The operating conditions are the same as in Example 7.4.

Solution
Equation 7.36 is used. From Example 7.4
Pe = 3850 W Volume of water = 2.65 m?
Pg/V = 3850/2.65 = 1453 Wm >, (Pg/V)** = 18.40
Since the sectional area of the tank =1.77 m?,
Ug = 0.6/(1.77 x 60) = 0.00565ms™ ', US> = 0.0752
kra = 0.026(1453)%*(0.00565)*° = 0.0360s! = 130h ™"

Although this solution appears simple, it requires an estimation of Pg, which
was given in Example 7.4.

7.4.4
Liquid Mixing in Stirred Tanks

In this section, the term “liquid mixing” is used to mean the macroscopic
movement of liquid, excluding “micromixing”, which is a synonym of diffusion.
The mixing time is a practical index of the degree of liquid mixing in a batch re-
actor. The shorter the mixing time, the more intense is mixing in the batch reactor.
The mixing time is defined as the time required, from the instant a tracer is in-
troduced into a liquid in a reactor, for the tracer concentration, measured at a fixed
point, to reach an arbitrary deviation (e.g., 10%) from the final concentration. In
practice, a colored substance, an acid or alkali solution, a salt solution, or a hot
liquid can be used as the tracer, and fluctuations of color, pH, electrical con-
ductivity, temperature, and so on are monitored. The mixing time is a function of
size and geometry of the stirred tank and the impeller, fluid properties, and op-
erating parameters such as impeller speed, and aeration rates. Mixing times in
industrial-size stirred tanks with liquid volumes smaller than 100kl are usually
less than 100s.

Correlations are available for mixing times in stirred-tank reactors with several
types of stirrer. One of these, for the standard Rushton turbine with baffles [13],
is shown in Figure 7.9, in which the product () of the stirrer speed N(s ') and
the mixing time t,, (s) are plotted against the Reynolds number on log-log
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coordinates. For (Re) above approximately 5000, the product N t,, approaches a
constant values of about 30.

The existence of solid particles suspended in the liquid caused an increase in the
liquid mixing time. In contrast, aeration caused a decrease in the liquid mixing
time for water, but an increase for non-Newtonian liquids [14].

Example 7.6

A stirred-tank reactor equipped with a standard Rushton turbine of the fol-
lowing dimensions contains a liquid with density p =1.000gcm > and visc-
osity u=0.013gem 's™'. The tank diameter D=2.4m, liquid depth
Hy=2.4m, the impeller diameter d=0.8m, and liquid volume =10.85m?.
Estimate the stirrer power required and the mixing time, when the rotational

stirrer speed N is 90r.p.m., that is, 1.5s5~".

Solution

The Reynolds number:
Re = Nd’p/u = 1.5 x 80 x 1/0.013 = 7.38 x 10°

From Figure 7.8 the power number N, =6
The power required P=6x N*>x d®> x p=6x 1.5% x 0.8° x 1000 kgm?s > =
6650kgm®s™> = 6650 W = 6.65 kW.

10*

10°

Ntm

10 \
\

10!
102 10° 10*
Re

Figure 7.9 Correlations for mixing times (using a standard Rushton turbine).
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From Figure 7.9, values of N t,, for the above Reynolds number should be
about 30. Then, t, =30/1.5=20s.

745

Suspending of Solid Particles in Liquid in Stirred Tanks

On occasion, solid particles — such as catalyst particles, immobilized enzymes, or
even solid reactant particles — must be suspended in liquid in stirred-tank reactors.
In such cases, it becomes necessary to estimate the dimension and speed of the
stirrer required for suspending the solid particles. The following empirical equa-
tion [15] gives the minimum critical stirrer speed N; (s~') to suspend the particles:

Ns — SVO‘le'Z(gAp/p)OAS BO.l}/dOASS (738)

where v is the liquid kinematic viscosity (m®s™'), x is the size of the solid particle

(m), g is the gravitational constant (ms™?), p is the liquid density (kgm™?), Ap is
the solid density minus liquid density (kgm ), B is the solid weight per liquid
weight (%), and d the stirrer diameter (m). S is an empirical constant which varies
with the types of stirrer, the ratio of tank diameter to the stirrer diameter D/d, and
with the ratio of the tank diameter to the distance between the stirrer and the tank
bottom D/H;. Values of S for various stirrer types are given graphically as
functions of D/d and D/H; [15]. For example, S-values for the Rushton turbine
(D/H;=1 to 7) are 4 for D/d=2 and 8 for D/d=3.

The critical stirrer speed for solid suspension increases slightly with increasing
aeration rate, solid loading, and non-Newtonian flow behavior [14].

7.5
Gas Dispersion in Stirred Tanks

One of the functions of the impeller in an aerated stirred tank is to disperse gas
into the liquid as bubbles. For a given stirrer speed there is a maximum gas flow
rate, above which the gas is poorly dispersed. Likewise, for a given gas flow rate
there is a minimum stirrer speed, below which the stirrer cannot disperse gas.
Under such conditions the gas passes up along the stirrer shaft, without being
dispersed. This phenomenon, which is called “flooding” of the impeller, can be
avoided by decreasing the gas rate for a given stirrer speed, or by increasing the
stirrer speed for a given gas rate. The following dimensionless empirical equation
[16] can predict the limiting maximum gas flow rate Q (m’s™') and the limiting
minimum impeller speed N (s~ for flooding with the Rushton turbine and for
liquids with viscosities not much greater than water.

(Q/Nd’) = 30(d/D)** (AN’ /g) (7.39)

where d is the impeller diameter (m), D the tank diameter (m), and g the

gravitational constant (ms?).
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7.6
Bubble Columns

7.6.1
General

Unlike the mechanically stirred tank, the bubble column has no mechanical stirrer
(agitator). Rather, it is a relatively tall cylindrical vessel that contains a liquid
through which gas is bubbled, usually from the bottom to the top. A single-nozzle
gas sparger or a gas sparger with perforations is normally used. The power re-
quired to operate a bubble column is mainly the power to feed a gas against the
static head of the liquid in the tank. The gas pressure drop through the gas sparger
is relatively small. In general, the power requirements of bubble columns are less
than those of mechanically stirred tanks of comparative capacities. The other ad-
vantages of a bubble column over a mechanically stirred tank are a simpler con-
struction, with no moving parts and an easier scaling-up. Thus, bubble columns
are increasingly used for large gas-liquid reactors, such as large-scale aerobic
fermentors.

Two different regimes have been developed for bubble column operation, in
addition to the intermediate transition regime. When the superficial gas velocity
(i-e., the total gas rate divided by the cross-sectional area of the column) is relatively
low (e.g., 3-5cms '), known as the “homogeneous” or “quiet flow” regime, the
bubbles rise without interfering with one another. However, at the higher su-
perficial gas velocities which are common in industrial practice, the rising bubbles
interfere with each other and repeat coalescence and breakup. In this “hetero-
geneous” or “turbulent flow” regime, the mean bubble size depends on the dy-
namic balance between the surface tension force and the turbulence force, and is
almost independent of the sparger design, except in the relatively small region
near the column bottom. In ordinary bubble columns without any internals, the
liquid—gas mixtures move upwards in the central region and downwards in the
annular region near the column wall. This is caused by differences in the bulk
densities of the liquid—gas mixtures in the central region and the region near the
wall. Usually, a uniform liquid composition can be assumed in evaluating kg,
except when the aspect ratio (the column height/diameter ratio) is very large, or
operation is conducted in the quiet regime.

Bubble columns in which gas is bubbled through suspensions of solid particles
in liquids are known as “slurry bubble columns”. These are widely used as re-
actors for a variety of chemical reactions, and also as bioreactors with suspensions
of microbial cells or particles of immobilized enzymes.

7.6.2
Performance of Bubble Columns

The correlations detailed in Sections 7.6.2.1 to 7.6.2.5 [17, 18] are based on data for
the turbulent regime with four bubble columns, up to 60 cm in diameter, and for
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11 liquid—gas systems with varying physical properties. Unless otherwise stated,
the gas holdup, interfacial area, and volumetric mass transfer coefficients in the
correlations are defined per unit volume of aerated liquid, that is, for the liquid—
gas mixture.

7.6.2.1 Gas Holdup

The slope of a log-log plot of fractional gas holdup &(-) against a superficial gas
velocity Ug (LT ') decreases gradually at higher gas rates. However, the gas
holdup can be predicted by the following empirical dimensionless equation, which
includes various liquid properties:

¢/(1—¢)* = 0.20(Bo)"/*(Ga)/"*(Fr)"* (7.40)

where (Bo) is the Bond number =g D* p/o (dimensionless), (Ga) is the Galilei
number =g D?/v* (dimensionless), (Fr) is the Froude number= Ug/(g D)"/?
(dimensionless), g is the gravitational constant (LT ?), D is the column diameter
(L); p is the liquid density (M L™?), ¢ the surface tension (M T~?); and v the liquid
kinematic viscosity (L>T ).

7.62.2 kua
Data with four columns, each up to 60cm in diameter, were correlated by the
following dimensionless equation:

(kra D?/Dr) = 0.60(Sc)**°(Bo)**(Ga)®3'e!! (7.41)

in which Dy is the liquid phase diffusivity (L*T~'), and (Sc) is the Schmidt
number = (v/D;) (dimensionless). According to Equation 7.41, ki a increases with
the column diameter D to the power of 0.17. As this trend levels off with larger
columns, it is recommended to adopt kia values for a 60cm column when
designing larger columns. Data for a large industrial column which was 5.5m in
diameter and 9 m in height, agreed with the values calculated by Equation 7.41 for
a column diameter of 60 cm [19].

The above equations for ¢ and k;a are for nonelectrolyte solutions. For electrolyte
solutions, it is suggested to increase ¢ and kya by approximately 25%. In electrolyte
solutions the bubbles are smaller, the gas holdups larger, and the interfacial areas
larger than in nonelectrolyte solutions.

7.6.2.3 Bubble Size

The bubble size distribution was studied by taking photographs of the bubbles in
transparent columns of square cross-section, after it had been confirmed that a
square column gave the same performance as a round column with a diameter
equal to the side of the square. The largest fraction of bubbles was in the range of
one to several millimeters, mixed with few larger bubbles. As the shapes of bub-
bles were not spherical, the arithmetic mean of the maximum and minimum
dimensions was taken as the bubble size. Except for the relatively narrow region
near the gas sparger, or for columns operating in the quiet regime, the average
bubble size is minimally affected by the sparger design or its size, mainly because
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the bubble size is largely controlled by a balance between the coalescence and
breakup rates, which in turn depend on the superficial gas velocity and liquid
properties. The distribution of bubble sizes was seen to follow the logarithmic
normal distribution law. The ratio of calculated values of the volume-surface
mean bubble diameter d to the column diameter D can be correlated by following
dimensionless equation:

(dys/D) = 26(Bo) **°(Ga) *'*(Fr) "1 (7.42)

7.6.2.4 Interfacial Area a

The gas-liquid interfacial area per unit volume of gas-liquid mixture, a (L* L~ or
L"), calculated by Equation 7.26 from the measured values of the fractional gas
holdup ¢ and the volume-surface mean bubble diameter d,, were correlated by the
following dimensionless equation:

(aD) = (1/3) (Bo)*(Ga)*'e"1? (7.43)

7625 k.
Values of k;, obtained by dividing k;a by a, were correlated by the following di-
mensionless equation:

(Sh) = (kp dys/Dy) = 0.5(Sc)"/*(Bo)*®(Ga)"/* (7.44)

where (Sh) is the Sherwood number. In this equation dys is used in place of D in
(Bo) and (Ga). According to Equation 7.44, the k; values vary in proportion to D'/
and dys'/?, but are independent of the liquid kinematic viscosity v.

7.6.2.6 Other Correlations for k a

Several other correlations are available for kya in simple bubble columns without
internals, and most of these show approximate agreements. Figure 7.10 compares
kpa values calculated by various correlations for water-oxygen at 20 °C as a func-
tion of the superficial gas velocity Ug.

For kia with non-Newtonian (excluding viscoelastic) fluids, Equation 7.45 [23],
which is based on data with water and aqueous solutions of sucrose and carbox-
ymethylcellulose (CMC) in a 15 cm column, may be useful. Note that k;a in this
equation is defined per unit volume of clear liquid, without aeration.

(kra D?/Dy) = 0.09(Sc)®*(Bo)*”*(Ga)** (Fr)"* (7.45)

For kyra in bubble columns for non-Newtonian (including viscoelastic) fluids, see
Section 12.4.1.

7.6.2.7 kia and Gas Holdup for Suspensions and Emulsions

The correlations for k;a as discussed above are for homogeneous liquids. Bubbling
gas-liquid reactors are sometimes used for suspensions, and bioreactors of this
type must often handle suspensions of microorganisms, cells, or immobilized
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Figure 7.10 Comparison of k.a by several correlations (water—O,, 20 °C).
Data from [17, 20-22].

cells or enzymes. Occasionally, suspensions of nonbiological particles, to which
organisms are attached, are handled. Consequently, it is often necessary to predict
how the kpa values for suspensions will be affected by the system properties and
operating conditions. In fermentation with a hydrocarbon substrate, the substrate
is usually dispersed as droplets in an aqueous culture medium. Details of k; a with
emulsions are provided in Section 12.4.1.5.

In general, the gas holdups and kia for suspensions in bubbling gas-liquid
reactors decrease substantially with increasing concentrations of solid particles,
possibly because the coalescence of bubbles is promoted by presence of particles,
which in turn results in a larger bubble size and hence a smaller gas-liquid in-
terfacial area. Various empirical correlations have been proposed for the k;a and
gas holdup in slurry bubble columns. Equation 7.46 [24], which is dimensionless
and based on data for suspensions with four bubble columns, 10-30 cm in dia-
meter, over a range of particle concentrations from 0 to 200kgm > and particle
diameter of 50-200 pm, can be used to predict the ratio r of the ordinary k; a values
in bubble columns. This can, in turn, be predicted for example by Equation 7.41, to

the kpa values with suspensions.
r=1+147 x 104(cs/ps)0‘612(Vt/(Dg)l/Z)OASG ( |
7.46
(ng pL/UL)70.477(D UG,OL/,UL)ioAM}S

where c; is the average solid concentration in the gas-free slurry (kgm™>), D is the
column diameter (m), g is gravitational acceleration (ms~?), Ug is the superficial
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gas velocity (ms '), v, is the terminal velocity of a single particle in a stagnant
liquid (ms™"), uy is the liquid viscosity (Pas), py is the liquid density (kgm ), ps is
the solid density (kgm ), and ¢ is the liquid surface tension (Nm™").

7.7
Airlift Reactors

In some respects, airlift reactors (airlifts) can be regarded as modifications of the
bubble column. Airlift reactors have separate channels for upward and downward
fluid flows, whereas the bubble column has no such separate channels. Thus, fluid
mixing in bubble columns is more random than in airlift reactors. There are two
major types of airlift reactor, namely the internal loop (IL) and external loop (EL).

7.7.1
IL Airlifts

The IL airlift reactor shown in Figure 7.11a is a modification of the bubble column
equipped with a draft tube (a concentric cylindrical partition) that divides the
column into two sections of roughly equal sectional areas. These are the central
“riser” for upward fluid flow, and the annular “downcomer” for downward fluid
flow. Gas is sparged at the bottom of the draft tube. In another type of IL airlift, the
gas is sparged at the bottom of the annular space, which acts as the riser, while the
central draft tube serves as the downcomer.

The “split-cylinder” IL airlift reactor (not shown in the figure) has a vertical flat
partition which divides the column into two halves which act as the riser and
downcomer sections. In these IL airlift reactors, as the gas holdup in the down-
comer is smaller than that in the riser, the liquid will circulate through the riser
and downcomer sections due to differences in the bulk densities of the liquid-gas
mixtures in the two sections. The overall values of kya for a well-designed IL airlift
reactor of both the draft tube and split-cylinder types, are approximately equal to
those of bubble columns of similar dimensions.

The “deep shaft reactor” is a very tall IL airlift reactor that has vertical partitions,
and is built underground for the treatment of biological waste water. This reactor
is quite different in its construction and performance from the simple IL airlift
reactor with a vertical partition. In the deep-shaft reactor, air is injected into the
downcomer and carried down with the flowing liquid. A very large liquid depth is
required in order to achieve a sufficiently large driving force for liquid circulation.

7.7.2
EL Airlifts

Figure 7.11b shows an EL airlift reactor, in schematic form. Here, the downcomer
is a separate vertical tube that is usually smaller in diameter than the riser, and is
connected to the riser by pipes at the top and bottom, thus forming a circuit for
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Figure 7.11 Schematic representations of airlift reactors;
(a) internal loop (IL) airlift reactor, (b) external loop (EL) airlift
reactor.

liquid circulation. The liquid entering the downcomer tube is almost completely
degassed at the top. The liquid circulation rate can be controlled by a valve on the
connecting pipe at the bottom. One advantage of the EL airlift reactor is that an
efficient heat exchanger can easily be installed on the liquid loop line.

The characteristics of EL airlift reactors [25-27] are quite different from those of
the IL airlift reactor. With tubular loop EL airlifts, both the superficial liquid ve-
locity Up and the superficial gas velocity Ug are important operating parameters.
Moreover, Uy increases with increasing Ug and varies with the reactor geometry
and liquid properties. Uy can be controlled by a valve at the bottom connecting
pipe. The gas holdup, and consequently also k; g, increase with Ug, but at a given
Ug they decrease with increasing Uy. For a given gas velocity, the gas holdup and
kra in the EL airlift reactor are always smaller than in the bubble column reactor,
and decrease with increasing liquid velocities. Yet, this is not disadvantageous, as
the EL airlift reactor is operated at superficial gas velocities which are two- or
threefold higher than in the bubble column. Values of k;a in tubular loop EL airlift
reactors at a given Ug are smaller than those in bubble columns and IL airlift
reactors fitted with draft tubes.

No general correlations for kia are available for EL airlift reactors. However, it
has been suggested [28] that, before a production-scale airlift reactor is built, ex-
periments are performed with an airlift which has been scaled-down from a
production-scale airlift designed with presently available information. The final
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production-scale airlift should then be designed with use of the experimental data
acquired from the scaled-down airlift reactor.

7.8
Packed-Bed Reactors

The packed-bed reactor is a cylindrical, usually vertical, reaction vessel into which
particles containing the catalyst or enzyme are packed. The reaction proceeds
while the fluid containing reactants is passed through the packed bed. In the case
of a packed-bed bioreactor, a liquid containing the substrate is passed through a
bed of particles of immobilized enzyme or cells.

Consider an idealized simple case of a Michaelis—Menten-type bioreaction tak-
ing place in a vertical cylindrical packed-bed bioreactor containing immobilized
enzyme particles. The effects of mass transfer within and outside the enzyme
particles are assumed to be negligible. The reaction rate per differential packed
height (m) and per unit horizontal cross-sectional area of the bed (m?) is then
given as (cf. Equation 3.28):

UdCa/dz = — VinaxCa /(K + Ca) (7.47)

where U is the superficial fluid velocity through the bed (ms™'), C, is the reactant
concentration in liquid (kmol m~3 ), Ky is the Michaelis constant (kmol m~3 ), and
Vinax 18 the maximum rate of the enzyme reaction (kmolm >s™?).

The required height of the packed bed z can be obtained by integration of
Equation 7.47. Thus,

z = U[(Km/ Vmax)In(Cai/ Car) + (Cai — Car)/ Vimax] (7.48)

where Ca; and Cyy are the inlet and outlet reactant concentrations (kmol m’3),
respectively. The reaction time t(s) in the packed bed is given as

t=2z/U (7.49)

which should be equal to the reaction time in both the batch reactor and the plug
flow reactor.

In the case that the mass transfer effects are not negligible, the required height
of the packed bed is greater than that without mass transfer effects. In some
practices, the ratio of the packed-bed heights without and with the mass transfer
effects is defined as the overall effectiveness factor #,(-), the maximum value of
which is unity. However, if the right-hand side of Equation 7.47 is multiplied by #,,
it cannot be integrated simply, since #, is a function of Ca, U, and other factors. If
the reaction is extremely rapid and the liquid-phase mass transfer on the particle
surface controls the overall rate, then the rate can be estimated by Equation 6.28.
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7.9

Microreactors [29]

Microreactors are miniaturized reaction systems with fluid channels of very small
dimensions, perhaps 0.05 to 1 mm. They are a relatively new development, and at
present are used mainly for analytical systems. However, microreactor systems
could be useful for small-scale production units, for the following reasons:

e Because of the very small fluid layer thickness of the microchannels, the specific

interfacial areas (i.e., the interfacial areas per unit volume of the microreactor
systems) are much larger than those of conventional systems.

e Because of the very small fluid channels (Re is very small), the flows in

microreactor systems are always laminar. Thus, mass and heat transfers occur
solely by molecular diffusion and conduction, respectively. However, due to the
very small transfer distances, the coefficients of mass and heat transfer are large.
Usually, film coefficients of heat and mass transfer can be estimated using
Equations 5.9a and 6.26a, respectively.

e Asaresult of the first two points, microreactor systems are much more compact

than conventional systems of equal production capacity.

e There are no scaling-up problems with microreactor systems. The production

capacity can be increased simply by increasing the number of microreactor units
used in parallel.

Microreactor systems usually consist of a fluid mixer, a reactor, and a heat ex-

changer, which is often combined with the reactor. Several types of system are
available. Figure 7.12, for example, shows (in schematic form) two types of com-
bined microreactor-heat exchanger. The cross-section of a parallel flow-type mi-
croreactor-heat exchanger is shown in Figure 7.12a. For this, microchannels

(0.06 mm wide and 0.9mm deep) are fabricated on both sides of a thin (1.2 mm)

(a) (b)

-

1.2 mm

Figure 7.12 Schematic diagrams of two types of microreactor-
heat exchanger; (a) parallel flow, (b) cross flow.
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metal plate. The channels on one side are for the reaction fluid, while those on the
other side are for the heat-transfer fluid, which flows countercurrently to the re-
action fluid. The sketch in Figure 7.12b shows a crossflow-type microreactor-heat
exchanger with microchannels that are 0.1 x 0.08 mm in cross-section and 10 mm
long, fabricated on a metal plate. The material thickness between the two fluids is
0.02-0.025 mm. The reaction plates and heat-transfer plates are stacked alter-
nately, such that both fluids flow crosscurrently to each other. These microreactor
systems are normally fabricated from silicon, glass, metals, and other materials,
using mechanical, chemical, or physical (e.g., laser) technologies.

Microreactors can be used for either gas-phase or liquid-phase reactions, whether
catalyzed or uncatalyzed. Heterogeneous catalysts (or immobilized enzymes) can
be coated onto the channel wall, although on occasion the metal wall itself can act
as the catalyst. Gas-liquid contacting can be effected in the microchannels by either
bubbly or slug flow of gas, an annular flow of liquid, or falling liquid films along the
vertical channel walls. Contact between two immiscible liquids is also possible. The
use of microreactor systems in the area of biotechnology shows much promise, not
only for analytical purposes but also for small-scale production systems.

Problems

7.1 A reactant A in liquid will be converted to a product P by an irreversible first-
order reaction in a CSTR or a PFR reactor with a reactor volume of 0.1 m>. A feed
solution containing 1.0kmolm > of A is fed at a flow rate of 0.01 m*min !, and
the first-order reaction rate constant is 0.12 min" .

Calculate the fractional conversions of A in the output stream from the CSTR and

PFR.

7.2 The same reaction in Problem 7.1 is proceeding in two CSTR or PFR reactors
with a reactor volume of 0.05 m* connected in series, as shown in the diagram below.

—{ v2 B v |- !

PFR V72 V72

CSTR

Determine the fractional conversions in the output stream from the second reactor.

7.3 Derive Equation 7.20, where

. e —e X eX f e ¥ cosh x
sinhx=———, coshx=——+— cothx=———
2 2 sinh x

129



130

7 Bioreactors

7.4 A reactant in liquid will be converted to a product by an irreversible first-order
reaction using spherical catalyst particles that are 0.4 cm in diameter. The first-
order reaction rate constant and the effective diffusion coefficient of the reactant in
catalyst particles are 0.001s™ " and 1.2 x 10~ ®cm?s ™!, respectively. The liquid film
mass transfer resistance of the particles can be neglected.

1. Determine the effectiveness factor for the catalyst particles under the present
reaction conditions.
2. How can the effectiveness factor of this catalytic reaction be increased?

7.5 A substrate S will be converted to a product P by an irreversible uni-molecular
enzyme reaction with the Michaelis constant K, =0.010kmolm™ and the max-
imum rate V., =2.0 x 10> kmolm 3s™%.

1. A substrate solution of 0.1 kmol m > is reacted in a stirred-batch reactor using
the free enzyme. Determine the initial reaction rate and the conversion of the
substrate after 10 min.

2. Immobilized-enzyme beads with a diameter of 10 mm containing the same
amount of the enzyme above are used in the same stirred-batch reactor.
Determine the initial reaction rate of the substrate solution of 0.1kmolm .
Assume that the effective diffusion coefficient of the substrate in the catalyst
beads is 1.0 x 10 ®cm?s ™.

3. How small should the diameter of immobilized-enzyme beads be to achieve an
effectiveness factor larger than 0.9 under the same reaction conditions, as in
case (2)?

0.3
lAir off
_ 02 1
=
g
8 .
S Air on
0.1 l -
0.0 : . . . .
0 20 40 60 80 100 120

Time, s

Figure P-7.6 Oxygen concentration versus time plot.
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7.6 By using the dynamic method, the oxygen concentration was measured as
shown in Figure P-7.6. The static volume of a fermentation broth, the flow rate of
air and the cell concentration were 11, 1.51min"! and 3.0 g-dry cell 1t respec-
tively. Estimate the oxygen consumption rate of the microbes and the volumetric
mass transfer coefficient.

7.7 An aerated stirred-tank fermentor equipped with a standard Rushton turbine
of the following dimensions contains a liquid with density p =1010kgm > and
viscosity u=9.8 x 10 *Pas. The tank diameter D is 0.90m, liquid depth
Hy =0.90 m, impeller diameter d = 0.30 m. The oxygen diffusivity in the liquid D
is 2.10 x 10 > cm?®s ™. Estimate the stirrer power required and the volumetric
mass transfer coefficient of oxygen (use Equation 7.36a), when air is supplied
from the tank bottom at a rate of 0.60m>min~" at a rotational stirrer speed
of 120r.p.m., that is, 2.0 s L

7.8 When the fermentor in Problem 7.7 is scaled-up to a geometrically similar
tank of 1.8 m diameter, show the criteria for scale-up and determine the aeration
rate and rotational stirrer speed.

7.9 A 30 cm-diameter bubble column containing water (clear liquid height 2 m)
is aerated at a flow rate of 10m>h . Estimate the volumetric coefficient of oxy-
gen transfer and the average bubble diameter. The values of water viscosity
1t=0.001kgm 's™', density p=1000kgm > and surface tension ¢ =75 dyne

cm ™! can be used. The oxygen diffusivity in water Dy is 2.10 x 10> cm?*s ™",
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8
Membrane Processes

8.1
Introduction

In bioprocesses, a variety of apparatus which incorporate artificial (usually poly-
meric) membranes are often used for both separations and for bioreactions. In this
chapter, we shall briefly review the general principles of several membrane pro-
cesses, namely dialysis, ultrafiltration, microfiltration, and reverse osmosis.

Permeation is a general term meaning the movement of a substance through a
solid medium (e.g., a membrane), due to a driving potential such as a difference in
concentration, hydraulic pressure, or electric potential, or a combination of these.
It is important to understand clearly the driving potential(s) for any particular
membrane process.

Only part of the feed solution or suspension supplied to a membrane device will
permeate through the membrane; this fraction is referred to as the permeate, while
the remainder which does not permeate through the membrane is called the
retentate.

Dialysis is a process that is used to separate larger and smaller solute molecules
in a solution by utilizing differences in the diffusion rates of larger and smaller
solute molecules across a membrane. When a feed solution containing larger and
smaller solute molecules is passed on one side of an appropriate membrane, and a
solvent (usually water or an appropriate aqueous solution) flows on the other side
of the membrane — the dialysate —, then the molecules of smaller solutes diffuse
from the feed side to the solvent side, while the larger solute molecules are re-
tained in the feed solution. In dialysis, those solutes which are dissolved in a
membrane, or in the liquid that exists in the minute pores of a membrane, will
diffuse through the membrane due to the concentration driving potential rather
than to the hydraulic pressure difference. Thus, the pressure on the feed side of
the membrane need not be higher than that on the solvent side.

Microfiltration (MF) is a process that is used to filter very fine particles (smaller
than several microns) in a suspension by using a membrane with pores that are
smaller than the particles. The driving potential here is the difference in hydraulic
pressure.
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Ultrafiltration (UF) is used to filter any large molecules (e.g., proteins) present in
a solution by using an appropriate membrane. Although the driving potential in
UF is the hydraulic pressure difference, the mass transfer rates will often affect the
rate of UF due to a phenomenon known as “concentration polarization” (this will
be discussed later in the chapter).

Reverse osmosis (RO) is a membrane-based process that is used to remove solutes
of relatively low molecular weight that are in solution. As an example, almost pure
water can be obtained from sea water by using RO, which will filter out molecules
of NaCl and other salts. The driving potential for water permeation is the differ-
ence in hydraulic pressure. A pressure that is higher than the osmotic pressure of
the solution (which itself could be quite high if the molecular weights of the so-
lutes are small) must be applied to the solution side of the membrane. Reverse
osmosis also involves the concentration polarization of solute molecules.

Nanofiltration (NF), a relatively new system, falls between the boundaries of UF
and RO, with an upper molecular weight cut-off of approximately 1000 Da. Typical
transmembrane pressure differences (in bar) are 0.5-7 for UF, 3-10 for NF, and
10-100 for RO [1].

Conventional methods for gas separation, such as absorption and distillation,
usually involve phase changes. The use of membranes for gas separation seems to
show promise due to its lower energy requirement.

Membrane modules (i.e., the standardized unit apparatus for membrane pro-
cesses) will be described at the end of this chapter.

8.2
Dialysis

Figure 8.1 shows, in graphical terms, the concentration gradients of a diffusing
solute in the close vicinity and inside of the dialyzer membrane. As discussed in
Chapter 6, the sharp concentration gradients in liquids close to the surfaces of the
membrane are caused by the liquid film resistances. The solute concentration
within the membrane depends on the solubility of the solute in the membrane, or
in the liquid in the minute pores of the membrane. The overall mass transfer flux
of the solute J, (kmolh™' m™) is given as:

Ja=K(C1 - ) (8.1)

where Ki is the overall mass transfer coefficient (kmolh™' m™?)/(kmolm™?) (i.e.,
mh™ '), and C; and C, are the bulk solute concentrations (kmolm?) in the feed
and dialysate solutions, respectively.

For a flat membrane, the mass transfer fluxes through the two liquid films on
the membrane surfaces and through the membrane should be equal to Ja.

Ja = k(G = Cwr) = km(Cyy — Cip) = ki2(Cuz — &) (82)

Here, ki ; and ki, are the liquid film mass transfer coefficients (mh™') on the
membrane surfaces of the feed side and the dialysate side, respectively; Cy; and
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Figure 8.1 Solute concentration gradients in dialysis.

Cwmz are the solute concentrations (kmolm ) in the feed and dialysate at the
membrane surfaces, respectively; and C;;; and Cj,, are the solute concentrations
in the membrane (kmol m>) at its surfaces on the feed side and the dialysate side,
respectively. The relationships between Cy; and Cyyy, and between Cjy, and Cya,
are given by the solute solubility in the membrane. ky is the diffusive membrane
permeability (m h™'), and should be equal to Dyy/xy;, where Dy is the diffusivity of
the solute through the membrane (m*h™") and xy is the membrane thickness
(m). Dy varies with membranes and with solutes; for a given membrane, Dy
usually decreases with increasing size of solute molecules and increases with
temperature.

In the case where the membrane is flat, the overall mass transfer resistance —
that is, the sum of the individual mass transfer resistances of the two liquid films

and the membrane - is given as:
1/KL = 1/kiy + 1/km + 1/k12 (8.3)

The values of ki and ky (especially the latter) decrease with the increasing
molecular weights of diffusing solutes. Thus, when a feed solution containing
solutes of smaller and larger molecular weights is dialyzed with use of an
appropriate membrane, most of the smaller-molecular-weight solutes will pass
through the membrane into the dialysate, while most of the larger-molecular-
weight solutes will be retained in the feed solution.

Dialysis is used on large scale in some chemical industries. In medicine, blood
dialyzers, which are used extensively to treat kidney disease patients, are discussed
in Chapter 14.
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8.3
Ultrafiltration

The driving potential for UF — that is, the filtration of large molecules — is the
hydraulic pressure difference. Because of the large molecular weights, and hence
the low molar concentrations of solutes, the effect of osmotic pressure is usually
minimal in UF; this subject will be discussed in Section 8.5.

Figure 8.2 shows data acquired [2] from the UF of an aqueous solution of blood
serum proteins in a hollow fiber-type ultrafilter. In this figure, the ordinate is the
filtrate flux and the abscissa the transmembrane pressure (TMP) (i.e., the hydraulic
pressure difference across the membrane). It can be seen from this figure that the
filtrate flux J for serum solutions increases with TMP at lower TMP-values, but
becomes independent of the TMP at higher TMP-values. In contrast, the Jr for
NaCl solutions, using the same apparatus in which case the solute passes into the
filtrate, increases linearly with the TMP for all TMP values. The data in the figure
also show that, over the range where the Jr for serum solutions is independent of
TMP, Jr increases with the wall shear rate 7y, (cf. Example 2.2), which is propor-
tional to the average fluid velocity along the membrane surface for laminar flow, as
in this case. These data from serum solutions can be explained if it is assumed that
the main hydraulic resistance exists in the protein gel layer formed on the
membrane surface, and that the resistance increases in proportion to the TMP.

14 . . . . .
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Figure 8.2 Filtrate flux versus TMP in the ultrafiltration of serum solutions [2].
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The mechanism of such UF can be explained by the following concentration
polarization model (cf. Figure 8.3) [3, 4]. In the early stages of UF, the thickness of
the gel layer increases with time. However, after the steady state has been reached,
the solute diffuses back from the gel layer surface to the bulk of solution; this
occurs due to the difference between the saturated solute concentration at the gel
layer surface and the solute concentration in the bulk of solution. A dynamic
balance is attained, when the rate of back-diffusion of the solute has become equal
to the rate of solute carried by the bulk flow of solution towards the membrane.
This rate should be equal to the filtrate flux, and consequently the thickness of the
gel layer should become constant. Thus, the following dimensionally consistent
equation should hold:

JeC = Dy dC/dx (8.4)

where Jp is the filtrate flux (LT "), Dy is the solute diffusivity in solution (L*T "), x
is the distance from the gel layer surface (L), and C is the solute concentration in
the bulk of feed solution (M L™?). Integration of Equation 8.4 gives

Jr = (D1/Ax)In(Ce/C) = kyIn(Cg /C) (8.5)

where Ax is the effective thickness of laminar liquid film on the gel layer surface,
Cg is the saturated solute concentration at the gel layer surface (M L™?), and k; is
the liquid film mass transfer coefficient for the solute on the gel layer surface
(LT™"), which should vary with the fluid velocity along the membrane and other
factors.

Thus, if experiments are performed with solutions of various concentrations C
and at a given liquid velocity along the membrane (i.e., at one k; value), and the

Gel layer
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Filrate |/ ky(Cg-0)
[
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Figure 8.3 The concentration polarization model.

137



138

8 Membrane Processes

experimental values of Jr are plotted against log C on a semi-log paper, then a
straight line with a slope of —k; should be obtained. Also, it is seen that such
straight lines should intersect the abscissa at Cg, because In(Cg/C) is zero where
C=Cg. If such experiments are performed at various liquid velocities, then kg
could be correlated with the liquid velocity and other variables.

Figure 8.4 shows the data [2] of the UF of serum solutions with a hollow fiber-
type ultrafilter, with hollow fibers 16 cm in length and 200 pm in i.d., at four shear
rates on the inner surface of the hollow-fiber membrane. Slopes of the straight
lines, which converge at a point C = Cg on the abscissa, give ki values at the shear
rates 9y, given in the figure.

The following empirical dimensional equation [5], which is based on data for the
UF of diluted blood plasma, can correlate the filtrate flux Jr (cm min ') averaged
over the hollow fiber of length L (cm):

Je(cmmin™') = 49(y, D2 /L)*In(Cg/C) (8.6)

The shear rate y,, (s ') at the membrane surface is given by 7, =8v/d (cf.
Example 2.2), where v is average linear velocity (cms '), d is the fiber inside
diameter (cm), and Dy is the molecular diffusion coefficient (cm?s™"); all other
symbols are as in Equation 8.4. Hence, Equation 8.6 is most likely applicable to UF
in hollow-fiber membranes in general.
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Figure 8.4 Ultrafiltration of serum solutions, Jg versus log C [2].
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8.4
Microfiltration

Microfiltration can be categorized between conventional filtration and UF. The
process is used to filter very small particles (usually <10um in size) from a
suspension, by using a membrane with very fine pores. Example of microfiltration
include the separation of some microorganisms from their suspension, and the
separation of blood cells from whole blood, using a microporous membrane.

Although the driving potential in microfiltration is the hydraulic pressure gra-
dient, the microfiltration flux is often also affected by the fluid velocity along the
membrane surface. This is invariably due to the accumulation of filtered particles
on the membrane surface; in other words, the concentration polarization of
particles.

Equation 8.7 [6] was obtained to correlate the experimental data on membrane
plasmapheresis, which is the microfiltration of blood to separate the blood cells
from the plasma. The filtrate flux was affected by the blood velocity along the
membrane. Since, in plasmapheresis, all of the protein molecules and other so-
lutes will pass into the filtrate, the concentration polarization of protein molecules
is inconceivable. In fact, the hydraulic pressure difference in plasmapheresis is
smaller than that in the UF of plasma. Thus, the concentration polarization of red
blood cells was assumed in deriving Equation 8.7. The shape of the red blood cell
is approximately discoid, with a concave area at the central portion, the cells being
approximately 1-2.5 pm thick and 7-8.5pm in diameter. Thus, a value of r
(=0.000257 cm), the radius of the sphere with a volume equal to that of a red
blood cell, was used in Equation 8.7.

Je = 4.20(r* /L)%y, In(Cs/C) (8.7)

Here, Ji is the filtrate flux (cm min ") averaged over the hollow fiber membrane
of length L (cm), and 7,, is the shear rate (s™') on the membrane surface, as in
Equation 8.6. The volumetric percentage of red blood cells (the hematocrit) was
taken as C, and its value on the membrane surface, Cg, was assumed to be 95%.

In the case where a liquid suspension of fine particles of radius r (cm) flows
along a solid surface at a wall shear rate 9, (s™'), the effective diffusivity Dy
(cm?s™!) of particles in the direction perpendicular to the surface can be correlated
by the following empirical equation [7]:

Dg = 0.025r%p,, (8.8)

Equation 8.8 was assumed to hold in deriving Equation 8.7.

Some investigators [8] have suspected that the rate of microfiltration of blood is
controlled by the concentration polarization of the platelet (another type of blood
cell which is smaller than the red blood cell), such that the effective diffusivity of
platelets is affected by the movements of red blood cells.
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8.5
Reverse Osmosis

An explanation of the phenomenon of osmosis is provided in most textbooks of
physical chemistry. Suppose that a pure solvent and the solvent containing some
solute are separated by a membrane that is permeable only for the solvent. In order
to obtain pure solvent from the solution by filtering the solute molecules with the
membrane, a pressure which is higher than the osmotic pressure of the solution
must be applied to the solution side. If the external (total) pressures of the pure
solvent and the solution were equal, however, the solvent would move into the
solution through the membrane. This would occur because, due to the presence of
the solute, the partial vapor pressure (rigorously activity) of the solvent in the
solution would be lower than the vapor pressure of pure solvent. The osmotic
pressure is the external pressure that must be applied to the solution side to prevent
movement of the solvent through the membrane.

It can be shown that the osmotic pressure I1(measured in atm) of a dilute ideal
solution is given by the following van’t Hoff equation:

1V = RT (8.9)

where V (in liters) is the volume of solution containing 1 gmol of solute, T is the
absolute temperature (K), and R is a constant that is almost identical with the
familiar gas law constant (i.e., 0.082atm1gmol ' K™'). Equation 8.9 can also be
written as

1 = RTC (8.9a)

where C is solute concentration (gmoll™"). Thus, the osmotic pressures of dilute
solutions of a solute vary in proportion to the solute concentration.

From the above relationship, the osmotic pressure of a solution containing
1 gmol of solute per liter should be 22.4atm at 273.15 K. This concentration is
called 1osmoll™" (i.e.,, Osm1™'), with one-thousandth of the unit being called a
milli-osmol (i.e., mOsm1~"). Thus, the osmotic pressure of a 1 mOsm solution
would be 22.4 x 760/1000 =17 mmHg.

In RO, the permeate flux [z (cms™') is given as:
Je = Pu(AP—1I) (8.10)

where Py is the hydraulic permeability of the membrane (cms™'atm™') for a
solvent, and AP (atm) is the external pressure difference between the solution and
the solvent sides, which must be greater than the osmotic pressure of the solution
I (atm).

There are cases where the concentration polarization of solute must be con-
sidered in RO. In such a case, the fraction of the solute that permeates through the
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membrane by diffusion, and the solute flux through the membrane J; (gmol
cm?s™), is given by:

Js =JrCa(1 —0) = kmu(Ca — Co) (8.11)

where Jg is the flux (cms™") of solution that reaches the feed side membrane
surface, Cy; and Cg, are the solute concentrations (gmol cm_3) at the feed side
membrane surface and in the filtrate (permeate), respectively, ¢ is the fraction of
solute rejected by the membrane (-), and ky is the diffusive membrane perme-
ability for the solute (cm s™'). The flux of solute (gmol cm™%s™?) that returns to the
feed side by concentration polarization is given by:

JrCsi0 = ki(Ca1 — Cso) (8.12)

where k; is the liquid-phase mass transfer coefficient (cms™') on the feed side
membrane surface, and Cy is the solute concentration in the bulk of feed solution
(gmol cm ).

Reverse osmosis is widely used for the desalination of sea or saline water, in
obtaining pure water for clinical, pharmaceutical and industrial uses, and also in
the food processing industries.

Example 8.1

Calculate the osmolar concentration and the osmotic pressure of the physio-
logical sodium chloride solution (9gl™' NaCl aqueous solution). Note: The
osmotic pressure should be almost equal to that of human body fluids
(ca. 6.7 atm).

Solution

As the molecular weight of NaCl is 58.5, the molar concentration is

9/58.5 = 0.154mol 1™ = 154 mmol 1™

As NaCl dissociates completely into Na™ and Cl~, and the ions exert osmotic
pressures independently, the total osmolar concentration is

154 x 2 = 308 mOsm 17!

The osmotic pressure at 273.15 is 17 x 308 =5236 mmHg = 6.89 atm.

8.6
Membrane Modules

Although many types of membrane modules are used for various membrane
processes, they can be categorized as follows. (It should be mentioned here that
such membrane modules are occasionally used for gas-liquid systems.)
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8.6.1
Flat Membrane

A number of flat membranes are stacked with appropriate supporters (spacers)
between the membranes, making alternate channels for the feed (retentate) and
the permeate. Meshes, corrugated spacers, porous plates, grooved plates, and so
on, can be used as supporters. The channels for feed distribution and permeate
collection are built into the device. Rectangular or square membrane sheets are
common, but some modules use round membrane sheets.

8.6.2
Spiral Membrane

A flattened membrane tube, or two sheet membranes sealed at both edges (and
with a porous backing material inside if necessary), is wound as a spiral with
appropriate spacers, such as mesh or corrugated spacers, between the membrane
spiral. One of the two fluids — that is, the feed (and retentate) or the permeate —
flows inside the wound, flattened membrane tube, while the other fluid flows
through the channel containing spacers, in cross flow to the fluid in the wound
membrane tube.

8.6.3
Tubular Membrane

Both ends of a number of parallel membrane tubes or porous solid tubes lined with
permeable membranes, are connected to common header rooms. One of the two
headers serves as the entrance of the feed, while the other header serves as the outlet
for the retentate. The permeate is collected in the shell enclosing the tube bundle.

8.6.4
Hollow-Fiber Membrane

Hollow fiber refers to a membrane tube of very small diameter (e.g., 200 pm). Such
small diameters enable a large membrane area per unit volume of device, as well
as operation at somewhat elevated pressures. Hollow-fiber modules are widely
used in medical devices such as blood oxygenators and hemodialyzers. The general
geometry of the most commonly used hollow-fiber module is similar to that of the
tubular membrane, but hollow fibers are used instead of tubular membranes. Both
ends of the hollow fibers are supported by header plates and are connected to the
header rooms, one of which serves as the feed entrance and the other as the re-
tentate exit. Another type of hollow-fiber module uses a bundle of hollow fibers
wound spirally around a core.
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p» Problems

8.1 A buffer solution containing urea flows along one side of a flat membrane,
while the same buffer solution without urea flows along the other side of the
membrane, at an equal flow rate. At different flow rates the overall mass transfer
coefficients were obtained as shown in Table P8.1. When the liquid film mass
transfer coefficients of both sides increase by one-third power of the averaged flow
rate, estimate the diffusive membrane permeability.

Liquid flow rate (cms™') Overall mass transfer coefficient, K (cms™')
2.0 0.0489
5.0 0.0510
10.0 0.0525
20.0 0.0540

8.2 From the data shown in Figure 8.4, estimate the liquid film mass transfer
coefficient of serum protein at each shear rate, and compare the dependence on
the shear rate with Equation 8.6.

8.3 Blood cells are separated from blood (hematocrit 40%) by microfiltration,
using hollow-fiber membranes with an inside diameter of 300 pm and a length of
20cm. The average flow rate of blood is 5.5cms™'. Estimate the filtrate flux.

8.4 Estimate the osmotic pressure of a 3.5 wt% sucrose solution at 293 K.

8.5 The apparent reflection coefficient (= (Cso—Csp)/Cso; Where Cg, is the con-
centration of solute in the permeate) may depend on the filtrate flux, when the real
reflection coefficient ¢ is constant. Explain the possible reason for this.
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9
Cell-Liquid Separation and Cell Disruption

9.1
Introduction

Since, in bioprocesses, the initial concentrations of target products are usually low,
separation and purification by the so-called downstream processing (cf. Chapters
11 and 13) are required to obtain the final products. In most cases, the first step in
downstream processing is to separate the cells from the fermentation broth. In
those cases where intracellular products are required, the cells are first ruptured to
solubilize the products, after which a fraction containing the target product is
concentrated by a variety of methods, including extraction, ultrafiltration, salting-
out, and aqueous two-phase separation. The schemes used to separate the cells
from the broth, and further treatment, are shown diagrammatically in Figure 9.1.
The fermentation products may be cells themselves, components of the cells
(intracellular products), and/or those materials secreted from cells into the fer-
mentation broth (extracellular products). Intracellular products may exist as so-
lutes in cytoplasm, as components bound to the cell membranes, or as aggregate
particles termed inclusion bodies.

Supernatant = ——— ‘ Concentration and further purification

T Extracellular products

‘ Fermentor ‘—>‘ Cell-liquid separation |

¢ Intracellular products

Cells —m Products in cytoplasm

Cell rupture Solubilization of bound products

Cell products Inclusion bodies —»| Scparation of _p| Solubilization ‘_

inclusion bodics of aggregates

Figure 9.1 Cell-liquid separation and further treatments.
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The separation schemes vary with the state of the products. For example, in-
tracellular products must first be released by disrupting the cells, while those
products bound to cell membranes must be solubilized. As the concentrations of
products secreted into the fermentation media are generally very low, the recovery
and concentration of such products from dilute media represent the most im-
portant steps in downstream processing. In this chapter, several cell-liquid se-
paration methods and cell disruption techniques will be discussed.

9.2
Conventional Filtration

The process of filtration separates the particles from a suspension, by forcing a
fluid through a filtering medium, or by applying positive pressure to the upstream
side or a vacuum to the downstream side. The particles retained on the filtering
medium as a deposit are termed “cake,” while the fluid that has passed through
the medium is termed the “filtrate.” Conventional filtration, which treats particles
larger than several microns in diameter, is used for the separation of relatively
large precipitates and microorganisms. Smaller particles can be effectively sepa-
rated using either centrifugation or microfiltration (see Section 9.3).

The two main types of conventional filter used for cell separation are plate filters
(filter press) and rotary drum filters:

e In the plate filter, a cell suspension is filtered through a flat filtering medium by
applying a positive pressure, and the cake of deposited cells must be removed
batchwise.

e For larger-scale filtration, the continuously operated rotary drum filter is usually
used. This type of filter has a rotating drum with a horizontal axis, which is
covered with a filtering medium and is partially immersed in a liquid—solid feed
mixture contained in a reservoir. The feed is filtered through the filtering
medium by applying a vacuum to the interior of the drum. The formed cake is
washed with water above the reservoir, and then removed using a scraper, knife,
or other device as the drum rotates.

The rate of filtration — that is, the rate of permeation of a liquid through a fil-
tering medium — depends on the area of the filtering medium, the viscosity of the
liquid, the pressure difference across the filter, and the resistances of the filtering
medium and the cake.

As liquid flow through a filter is considered to be laminar, the rate of filtration
dVg/dt (m*s™") is proportional to the filter area A (m?) and the pressure difference
across the filtering medium Ap (Pa), and is inversely proportional to the liquid
viscosity u (Pas) and the sum of the resistances of the filtering medium Ry (m ™)
and the cake Rc (m'). Thus, the filtration flux J¢ (ms ') is given by:
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The resistance of the cake can be correlated with the mass of cake per unit filter

area:
_op Ve
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(9.2)
where Vg is the volume of filtrate (m?), p. is the mass of cake solids per unit
volume of filtrate (kgm ), and « is the specific cake resistance (mkg ). In the
case of an incompressible cake of relatively large particles (d, > 10 um), the Kozeny
—Carman equation holds for the pressure drop through the cake layer, and the
specific cake resistance o is given as:

5a%(1 —¢
)

- (9.3)

where ps (kgm?) is the density of the particle, a is the specific particle surface
area per unit cake volume (m”*m ™), and ¢ is the porosity of the cake (-). In many
cases, the cakes from fermentation broths are compressible, and the specific cake
resistance will increase with the increasing pressure drop through the cake layer,
due to changes in the shape of the particles and decrease in the porosity. Thus, the
filtration rate rapidly decreases with the progress of filtration, especially in the
cases of a compressible cake. Further, fermentation broths containing high
concentrations of microorganisms and other biological fluids usually show non-
Newtonian behaviors, as stated in Section 2.3. These phenomena will complicate
the filtration procedures in bioprocess plants.

9.3
Microfiltration

The cells and cell lysates (fragments of disrupted cells) can be separated from the
soluble components by using microfiltration (see Chapter 8) with membranes.
This separation method offers following advantages:

e [t does not depend on any density difference between the cells and the media.
e The closed systems used are free from aerosol formation.

e There is a high retention of cells (>99.9%).

e There is no need for any filter aid.

Depending on the size of cells and debris, and the desired clarity of the filtrate,
microfiltration membranes with pore sizes ranging from 0.01 to 10 um can be
used. In cross-flow filtration (CFF; see Figure 9.2b), the liquid flows parallel to the
membrane surface, and so provides a higher filtration flux than does dead-end
filtration (Figure 9.2a), where the liquid path is solely through the membrane. In
CFF, a lesser amount of the retained species will accumulate on the membrane
surface, as some of retained species is swept from the membrane surface by the
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liquid flowing parallel to the surface. The thickness of the microparticle layer on
the membrane surface depends on the balance between the particles transported
by the bulk flow towards the membrane, and the sweeping-away of the particle by
the cross-flow along the membrane. Similar to the concentration polarization
model in ultrafiltration (as described in Section 8.3), an estimation of the filtration
flux in microfiltration is possible by using Equation 8.5.

9.4
Centrifugation

In those cases where the particles are small and/or the viscosity of the fluid is high,
filtration is not very effective. In such cases, centrifugation is the most common
and effective method for separating microorganisms, cells and precipitates from
the fermentation broth. Two major types of centrifuge — the tubular-bowl and the
disk-stack — are used for continuous, large-scale operation.

The tubular centrifuge, which is shown schematically in Figure 9.3a, incorporates
a vertical, hollow cylinder with a diameter on the order of 10 cm, which rotates at
between 15000 and 50 000r.p.m. A suspension is fed from the bottom of the cy-
linder, whereupon the particles, which are deposited on the inner wall of the cy-
linder under the influence of centrifugal force, are recovered manually in
batchwise fashion. Meanwhile, the liquid flows upwards and is discharged con-
